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To Vera, Ximena and Rodry 
 

 

...For many hours and days that pass ever soon, The tides have caused the flame to dim. At last 

the arm is straight, the hand to the loom; 
 

Is this to end or it just begin?.... 
 

 

...The cup is raised, the toast is made yet again. 
 

One voice is clear above the din. 
 

Proud Aryan, one word, my will to sustain. 
 

For me, the cloth once more to spin... 
 

 

...All of my love to you now... 
 

All of my love to you and you and you and you. 
 

Yes, all my love to you child... 
 

 

...Sometime, sometime, sometime, sometime ... 
 

 

I get a little bit lonely, 
 

Just a little, 
 

Just a little bit lonely 
 

 

Yes now, 
 

I get a little bit lonely 
 

I think about it, 
 

It´s got to be 
 

It´s got to be 
 

All of my love 
 

All of my love 
 

 

...All of my love to you now. 
 
 

All of my love. 

Taken from: In throught the out door . 

 
Robert Plant & John Paul Jones 1979 
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1. GENERAL INTRODUCTION 
 

 

Lactones have a wide aplication in flavors, anticancer precursors, hypertension medicine and 

fragancy in the pharmacy industry [1]. There are more than 500 lactones used as antibiotics, 

antitumors, insecticides, or even as treatment of the onchocerciasis 
 

[2]. The ketone bioconversion to esters and lactones was discovered over a century ago by Adolf 

von Baeyer and Victor Villiger in 1899, [3]. In this reaction, the ketone is nucleophilic attacked by 

a hydrogen peroxide, this compound is instable and is re-arranged with the relase and migration of 

one carboxilate ion causing the carbon-carbon union. The Baeyer-Villiger (BV) reactions are 

attractive for the synthesis of lactones through esteres. Unfortunately the general use of peroxides 

and disolvents as reactive agents has several disadvantages, due to their explosive and irritant 

properties that at high levels lead to accidents requiring high safety standars. Besides, the 

bioprocess compared with the conventional chemical process represents an effective method for 

ensuring a high productivity of high-value lactones [4]. In the former, pure enzymes or whole cells 

are used as biocatalysts. Whole cells in comparation with the pure enzymes have more stability due 

to their celular matrix, which allows the re-generation of cofactors and enzyme active sites, 

reducing production costs [5]. 

 
 

In the BV oxidation reaction, cyclohexanone monooxygenase (CHMO) from Acinetobacter 

calcoaceticus NCIMB 9871 is one of the best-known enzymes [6]. In the last decade, an increase of 

the rate of oxidation of cyclic ketones has been obtained when the CHMO gene was cloned into an 

expression vector to give the biocatalyst strain E. coli TOP10 pQR239 [7]. Nevertheless, 

substrate/product inhibition was identified for this conversion with the whole cell-mediated 

conversion using bicyclo[3.2.0]hept-2-en-6-one [8]; particularly, the reaction is inhibited by ketone 

concentrations above 0.4 g/L and by combined regioisomeric lactones with concentrations above 

3.5 g/L. On the other hand Bennett [9] reported that the excess of disolved oxygen (DO) in the 

reaction medium may cause an oxidation of two peripheral serines to the active site and causing the 

sulphonic acid formation and a permanent change in the structure of the enzyme thus provoking an 

inactivation by DO. 

 
 

A number of solutions have been recommended to decrease the substrate/product inhibition; for 

instance: the proposal of adsorbent resins [10]; in situ supply of the substrate 
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and removal of lactone product, maintaining both substrate and product concentrations at sub-

inhibitory levels in the environment of the biocatalyst [11]; and encapsulation of biocatalyst to 

prevent CHMO oxidation [12]. However, one of the main limitations of these strategies is the 

difficulty in controlling mass transfer of substrate, product and oxygen that directly impacts on the 

productivity and the cost-benefit ratio. As background this research group proposed the addition of 

a second liquid phase (ionic liquid) in a partitioning bioreactor, it can be a useful tool to reduce 

product inhibition due to the presence of a partition coefficient favourable to the second liquid 

phase [13]. Another work from the group identified the limiting step in this type of bioconversion 

through a regime analysis for a three phase partitioning bioreactor (TPPB) using as dispersed phase 

the ionic liquid [MeBuPyy][BTA] [14]. Nevertheless, it was not clear the role of different kinetic 

and transport phenomena on the performance of the TPPB. 

 
 

The aim of this work was to evaluate, understand and predict the mass transfer, kinetic and 

deactivation mechanisms occurring in a TPPB at different operating conditions. Firstly the study 

was aimed at evaluating different dispersed phase in order to identify the adequate one. Secondly, a 

regime analysis was carried out to characterize those kinetic and mass transport mecahisms 

involved in the TPPB. Finally, a mathematical model for a TPPB was developed following 

chemical engineering criteria based on independent studies of mass transfer, kinetic, and cell 

deactivation. 

 
 

This thesis contains six chapters and annexes. The first chapter concerns about the main aim, 

hypothesis, justification and the general strategy employed through this project. The second chapter 

called “Production of lactones with E. coli in a three phase partitioning bioreactor using ionic liquids as 

dispersed phase [15]” comprises a screening study of dispesed phases used for the production of 

lactones. Particularly, four ionic liquids (IL´s) were tested and their role on the loss of cell viability is 

presented. The selection of the dispersed phase accounts for some criteria related to their toxic 

properties. The third chapter named “Mass transfer coefficient determination in three biphasic systems 

(water-ionic liquid) using a modified Lewis cell [16]” accounts for the study of mass transfer 

mechanisms involving the determination of the substrate and product mass transfer coefficients. The 

fourth chapter called “Kinetic mathematical model for ketone bioconversion using Escherichia coli 

TOP10 pQR239 [17]” deals with the study of kinetics. Specifically, an extrinsic kinetic model is 

developed for the production of lactones with E. coli. The fifth chapter named “Regime 
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analysis of a three phase partitioning bioreactor” considers the analysis of characteristic times 

from the main mechanisms ocurring in a TPPB (mass transfer, kinetics and loss of cell 

viability). The regime analysis allows to determine those operating conditions leading to mass 

transfer constrains. The sixth chapter named “Mathematical model of a three phase partitioning 

bioreactor for bioconversion of ketones using whole cells [18]” accounts for all main results 

obtained from previous chapters. A mathematical model for the TPPB was developed, allowing 

to understand main transport, kinetic and deactivation mechanism during the bioconversion of 

ketones at operating conditions. Finally, annexes contain a description of some methodologies 

used but not explicitly mentioned during the thesis chapters. 
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HYPOTHESIS 
 

The independent studies of mass transfer, kinetic and loss of cell viability mechanisms 

occurring in a three phase partitioning bioreactor (TPPB) using whole cells biocatalyst would 

allow us to understand their effect on the performance of high value metabolite production. At 

the same time this information would be useful to develop a mathematical model of a TPPB 

which in a further study, could be used to describe and understand this technology for a 

commercial exploitation at different scales. 

 
 

JUSTIFICATION 
 

The use of TPPB with whole cells as biocatalyst allows an increment of the productivity in the 

bioprocess. Due to thermodynamic equilibrium, the dispersed phase maintains substrates, 

products or toxic secondary metabolites concentrations at sub-inhibitory levels. Since these 

systems present several mechanisms such as mass transfer, kinetics and deactivation of the 

biocatalyst, it is relevant to characterize them at different conditions with the aim to understand 

their effect on high value metabolite production and develop strategies for scale up or down of 

these biorectors. 

 
 

GENERAL AIM 
 

Evaluate, understand and predict mass transfer, kinetic and deactivation mechanisms 

occurring in a TPPB at different operating conditions through the use of a regime analysis 

and phenomenological mathematical modeling. 

 
 

SPECIFIC AIMS 
 

1. Characterize the biocatalyst deactivation mechanism and the selection of an 

adequate dispersed phase to diminish the loss of cell viability. 
 

2. Characterize the mass transfer mechanisms through the determination of the 

substrate, oxygen and product mass transfer coefficients. 
 

3. Characterize the bioconversion mechanismism through the development of an 

extrinsic kinetic mathematical model. 
 

4. Identify the limiting step of the bioprocess in the TPPB by means of a regime analysis. 
 

5. Develop a mathematical model for the TPPB technology at laboratory scale 
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GENERAL STRATEGY 
 

 

Figure 1 depicts the general strategy followed through this work: I) The first chapter contains the 

main aim, hypothesis, justification and specific objectives of the project. II) The second chapter 

deals with the evaluation and selection of an adequate ionic liquid as dispersed phase using as 

criteria the loss of cell viability and the bioconversion. III) Once selecting the most adequate 

dispersed phase, in the third chapter substrate, product and oxygen mass transfer mechanisms in the 

TPPB are studied through the determination of the corresponding mass transfer coefficients, kSA, 

kPA and kLa, respectively. IV) In the fourth chapter, an extrinsic kinetic model based on Langmuir-

Hinshelwood-Hougen-Watson formalism is developed. V) The fifth chapter involves a regime 

analysis determining characteristic times of loss of cell viability, substrate, product and oxygen 

mass transfer and kinetics with the aim of identifying the limiting step in the bioconversion process. 

VI) Finally, in the sixth chapter a mathematical model of a TPPB is developed. This model 

involves all aforementioned mechanisms. At the end, the annexes section contains some details on 

methodologies that are not mentioned through chapters. 
 

I)   
Problem statement 

 
(Objetive, hypothesis 

and justification) 
 

II)  III)  IV) V) 
 

        
 

         

 Adecuated dispersed  Hydrodynamic and mass transfer  Mathematical modeling  Regime 
 

 phase choose  coefficients in a 1L TPPB  
Estimated Kinetic parameters 

 analysis in a 
 

 (Toxicity)  (d32, kSA, kSA and kLa)   TPPB  

       

               
 

               
 

               
 

               
 

               
 

    VI)      
 

               
 

    Mathematical         
 

    model of a TPPB         
 

               
 

 Theoretical framework        Work prospectives 
 

            
 

 Experimental data         (Validate to different scales) 
 

 Tools            
 

                  
Publishings  
Work Perspectives 

 
Figure 1. General strategy followed in this Thesis for the study of main different mechanisms that ocurring a 

 
three phase partitioning bioreactor for ketone bioconversion 

 

 

NOTE: Each chapter has its self nomenclature, figures, tables and references. 
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PRODUCTION OF LACTONES WITH E. coli IN A THREE PHASE 
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ABSTRACT 
 

We studied the production of lactones in a three phase partitioning bioreactor (TPPB), air-water-ionic liquid, testing four 

ionic liquids (ILs) as dispersed phase (5 % v/v). Particularly, this work was aimed to determining: the partition 

coefficients between aqueous and dispersed phase; interfacial mass transfer coefficients of substrate and product between 

aqueous and dispersed phase; interfacial mass transfer coefficient of oxygen between gas and aqueous phase; and, 

mainly, the deactivation parameters related to the loss of cell viability due to the presence of the dispersed phase. 

Dispersed phase increased the production of lactones in 60% compared to an air-water system. All evaluated ILs are 

thermodynamically suitable for being used as disperse phase in the studied TPPB, however, all of them provoked a loss 

of cell viability, obtaining values from 58 to 77% corresponding to conversions from 70 to 20%, respectively. The 

trioctylmethylammonium bis(trifluoromethylsulfonyl)imide [OMA][BTA] leaded to the highest conversions (70% ) and 

the lowest the loss of cell viability (58%) even though this IL presented the lowest oxygen, substrate and product mass 

transfer coefficients at studied operating conditions. These results indicate that TPPB using the [OMA][BTA] is a 

suitable technology for the production of lactones in a near future. 

 

Key words: Production of lactones; partitioning biorreactors; ionic liquids, loss of cell viability, mass transfer. 
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1. INTRODUCTION 
 

Lactones are important compounds in food, medicine and cosmetic industries. Some of them are applied in 

medicine as anti-inflammatory because of their cytotoxic activity in vitro against human lung cancer and 

mouse melanoma cells [1, 2] Besides, a type of lactones is used in food industry as an essential flavour 

component in aged alcoholic beverages such as whisky, cognac and brandy, among others [3]. The Baeyer-

Villiger oxidation of cyclic or acyclic ketones allows their transformation to the corresponding lactone by 

oxidants such as peroxybenzoic acid and hydrogen peroxide. These oxidants are often intrinsically unstable, 

toxic presenting a lack of enantioselectivity (Renz and Meunier- [4, 5]. There are chemical and biosynthetic 

routes used to carry out the Baeyer-Villiger oxidation, being the latter the most attractive because of their 

lower energy cost due to lower reaction temperatures, less or, even, no usage of organic solvents and higher 

chemo and enantioselectivity due to the use of enzymes [6, 7]. 

 

Baeyer-Villiger oxidation via a biosynthetic route is lately performed using enzymes as the 

cyclohexanone monooxygenase, CHMO, in whole cell systems [8]. The CHMO uses molecular 

oxygen to mediate the nucleophilic oxygenation of linear or cyclic ketones yielding the 

corresponding lactones. Nevertheless, there are some reaction constraints: a ketone concentration 

and/or a product concentration higher than ca. 0.4 g L
−1

 and ca. 5 g L
−1,

 respectively, leads to 

bioconversion inhibition [9, 10]; and an excess of dissolved oxygen causes a permanent 

denaturation of CHMO due to oxidation of –SH groups in the corresponding active sites [11]. A 

number of strategies have been proposed to avoid this type of bioconversion limitations, such as: 

substrate feeding and in situ product removal using Lewatit resins [12]; biocatalyzer encapsulation 

to prevent CHMO oxidation [13], the use of a ionic liquid (IL) as an immiscible phase that works 

as substrate reservoir and in situ product removal, maintaining the biocatalyst (whole cells) in the 

aqueous phase [14]; the biocatalyzst is co-immobilized on a glutaraldehyde-activated support [15]; 

and among others as that where the CHMO molecular structure is changed to fold the serines 

susceptible to oxidation inside the enzyme [16]. 

 
 

Previous studies of our research group have shown the suitability, in terms of kinetic and mass transport 

analysis, of using a three phase stirred tank partitioning bioreactor (TPPB) using a IL as the dispersed 

phase to carry out the Baeyer-Villiger oxidation of ketones to lactones [17]. Nevertheless, there are no 

established criteria to select a proper IL to carry out the studied reaction. Thus, in this work, 

thermodynamic, mass transfer and deactivation 
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parameters of four different IL were determined with the aim to obtain those criteria to select 

the most proper IL for the studied reaction. Particularly, those parameters to be estimated were: 

the partition coefficients between aqueous and dispersed phase; interfacial mass transfer 

coefficents of substrate and product between aqueous and dispersed phase; interfacial mass 

transfer coefficient of oxygen between gas and aqueous phase; and, the deactivation 

parameters related to the loss of cell viability due to the presence of the dispersed phase. From 

all these parameters, the deactivation parameter becomes an essential criterion to discard an IL 

as disperse phase since all ILs used as disperse phase contain high levels of toxic compounds 

that are dissolved due to the polarities and sizes of their cation and anions, and, hence, lead to 

both loss of cell viability and loss of the production of lactones. 

 
 

2. MATERIALS AND METHODS 
 

2.1. Chemicals 
 

The  four  ionic  liquids  used  were  1-butyl-3-metyl-imidazolium  hexafluorophosphate 
 

[BMIM][PF6], 1-hexyl-3-methylimidazolium bis(trifluoromethylsulfonyl)imide 

[HMIM][BTA], butylmethylpyrrolidinium bis(trifluoromethylsulfonyl)imide [MBP][BTA] 

and the trioctylmethylammonium bis(trifluoromethylsulfonyl)imide [OMA][BTA]. All 

were purchased from Solvent Innovation GmbH (Köln, Germany). Bicyclic ketone 

bicycle[3.2.0]hept-2-to-6-one (≥98%) and bicyclic lactone (1S,5R)-(-)-2-

oxabiciclo[3.3.0]oct-6-en-3-ona (≥99. 0%) (Fluka, Switzerland) were used as the substrate 

and product standards, respectively. Tryptone, yeast extract, NaCl and glycerol were 

purchased from Sigma Aldrich (EUA). 
 

2.2. Microorganism 
 

The E. coli strain TOP10 pQR239 was kindly provided by Professor John M. Ward (University 

College London, London, United Kingdom) for research and academic purposes and is referred to 

hereafter simply as E. coli. To prepare inocula for bioconversion experiments, E. coli cells were 

cultured in Erlenmeyer flasks of 250 mL containing 70 mL of a complex media (in g L
-1

): tryptone 

10.0, yeast extract 10, NaCl 10.0, in phosphate buffer 50 mM pH 7.0, supplemented with 10 g L
-1

 

glycerol. Culture media was sterilized in an autoclave at 120 °C for 15 min and supplemented with 

100 mg L
-1

 ampicillin (previously filter sterilized using a 0.25 μm filter). Erlenmeyer flasks were 

incubated at 150 rpm for 16 h at 37 ºC. After this 16 h growth period, cyclohexanone 

monooxygenase expression was induced by adding the necessary amount of arabinose 
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solution (100 g L
-1

) to reach a final concentration of 2 g L
-1

. After 3 h of induction, cells were 
harvested by centrifugation at 5,000 rpm for 10 min. 

 

2.3. Determination of Loss of cell viability 
 

Experiments of loss of E. coli viability due to IL for practical porpuses were carried out in 
Erlenmeyer flasks. E. coli was inoculated with 5 % (v/v) of ionic liquid in 20 mL of 50mM 

phosphate solution at pH 7 and 3 g L
-1

 of biomass. Then, samples of 500 µL were taken 

each hour (0 to 4 hours) before the incubation, and were serially diluted (10
-1

 to 10
-6

). 

After, 0.1 mL of each dilution was used to inoculate Petri dishes containing 10 mL of 
nutritive agar which was incubated for 16–20 h at 30 °C. The E. coli viability was 

calculated on the basis of viable cell counts by counting colony-forming units (CFU mL
-1

) 

(Coult-counter, Quebec, Canada). The experiment was carried out by triplicate. 
 

2.4. Determination of Substrate and product partitioning coefficients 
 

The partitioning coefficients were determinated using known concentrations of substrate 

and product with a total volume of 7 mL in a Corning tube of 15 mL capacity (with same 

volumes of the aqueous phase and ionic liquid). Every 6 hours the tubes were agitated for 5 

min and 300 μL samples of the aqueous phase were taken for a period of 24 hours. The 

samples were centifugated at 5000 rpm for 10 min and the aqueous phase were analyzed 

by GC. 
 
 

 

2.5. Gas chromatography analysis 
 

Gas chromatography (GC) was used to quantify the concentrations of bicycle[3.2.0]hept-2-

en-6-one and its corresponding regioisomeric lactones. Samples (1 μL) were injected into 

an XL gas chromatograph (Perkin Elmer, Norwalk, CT) fitted with a CYCLOSILB 113-

6632 capillary column (30 m x 530 μm) (J&W Scientific), and concentrations were 

determined using an external calibration curve. The GC injector temperature was set at 

250⁰ C. The GC temperature program used was as follows: the initial oven temperature was 

100 ⁰C, held for 1 min and followed by a temperature increase at 10 °C min
-1

 up to 150 °C, 

which was then held for 3 min. Retention times were 3.7 min and 3.95 min for the substrate 

(mixture of ketone isomers) and 8.5 min for the product. 
 

 

2.6. Stirred tank bioreactor 
 

A module with two glass 100 mL stirred tank min-bioreactors (MMBR100, UAM-I, 
Mexico) was used for all conversion studies in air-aqueous phase-ionic liquid system. The 
jacketed mini-bioreactors had an internal diameter of 4.75 cm and an operating volume of 
70 mL (HL/DT = 0.87). The bioreactors were fitted with a single, six flat blade Rushton 
turbine, Di = 1.9 cm (Di/DT 
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= 0.40), located 1.9 cm from the flat base of the vessel. The bioreactor was equipped with 

four equidistant baffles, 0.5 cm in width, to enhance mixing. 

 

2.7. Overall oxygen mass transfer coefficient, kLa determination 
 

Optical fiber for Dissolved Oxygen (DO), mini sensors (PreSens, GmbH Germany) were used 

for kLa determination. The DO sensors were coupled to a 4-Channel Oxygen Meter OXY- 4 

mini (PreSens, GmbH Germany). Overall oxygen mass transfer coefficients, kLa were 

calculated according to dynamic method and the correlation proposed by Fuchs and Dewey 

[18], which takes into account the electrode response time and the dimensionless DO 

concentration in the bioreactor: 

YP  = KP ⋅ e−kL at − kL a ⋅ e− K P t 
 

KP − kL a 
 

where YP is the dimensionless DO concentration in the bioreactor defined as: 
 

YP = 
[O

2
*]

 
−[O

2 
]
 

 
[O2*] −[O20 ] 

 
 

(1) 
 
 
 

 

(2) 

 

where [O2*] is the saturated oxygen concentration (7.2 mg L
-1

, which was determined with the 

OXY-4 module software using the atmospheric pressure of Mexico City, 1016.9 hPa), [O2] is the 

dissolved oxygen concentration, [O20] is the initial dissolved oxygen concentration in the 

bioreactor. KP is the electrode constant defined as the inverse of the response time, kLa is the 

overall oxygen mass transfer coefficient, and t is the time required for the sensor to reach the 

saturated oxygen concentration. Fitting was performed using a non-linear regression Levenberg-

Marquardt algorithm in Polymath
TM

. 

2.8. Measurement of Sauter mean diameter (d32) 
 

Sauter mean droplet diameter (d32) was measured using a 3D Optical Reflectance 

Measurement (ORM) particle size analyser (MTS, Messtechnik Schwartz) Lovick et al. 

[19]. 2000 droplet diameter (d1) determinations were performed automatically for each 

measurement, enabling calculation of the Sauter mean diameter (d32) according to: 
 

d32 = 
∑d1

3
n1  

(3) 
 

2 .  

 ∑d
1 n1  

  
Ionic liquid drop size diameters and distributions were obtained in situ and on-line during all the 

experiments. Because the ORM measures drop sizes using laser beam reflectance, and the fact that gas 

bubbles do not have reflective properties, it was assumed that gas bubbles do not interfere with liquid 

drop size measurements. No evidence of such interference was observed in any of the initial recorded 

size distributions and, therefore, 
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ORM drop size measurements were recorded directly for the three-phase system. ORM 

techniques are able to show the change of the drop size for various power inputs, although 

they are not able to measure the exact size of the drops. Therefore, they are interesting for 

the control of processes [20]. Then, measurements were recorded at least 15 min after 

mixing was initiated in order to ensure that an equilibrium in drop size distribution was 

established. The interfacial area available for substrate and product mass transfer (A) in the 

one litre bioreactor is given by: 
 
 

 

A = 6ϕ (4)  
 

 

d 32
 

 
where φ is the volume fraction of the dispersed phase. Overall mass transfer coefficients 

for substrate and product, kSA and kPA, respectively, were determined using these areas 
according eq (4) and multiplied by the mass transfer coefficients for substrate and product, 

kS and kP obtained previously in a Lewis cell modified [21]. 
 

2.9. Production of lactones in biphasic system (aqueous-air) 
 

For all bioconversions in biphasic and tri-phasic systems were used 3 g of biomass L
-1

. 

The aqueous phase was a buffer solution consisting of 50 mM phosphate to pH 7.0 

supplemented with 5 g glycerol L
-1

. The initial concentration of substrate was 0.35 g L
-1

. 

The operation conditions of the MMBR100 were: agitation rate 1950 rpm, aeration rate 1 

vvm at 30 °C. During bioconversion experiments samples of 500 μL were taken every 3 

minutes during the first 15 minutes and then every hour for two hours. Samples were 

quickly frozen to stop the reaction. For substrate and product analysis, the samples were 

centrifuged at 5000 rpm for 10 minutes to separate biomass and supernatant analyzed. 

Substrate and product concentrations were quantified by G-C. 
 

2.10. Production of lactones in a three phase system (air-water-ionic líquid) 
 

The initial substrate concentration in aqueous phase was 0.35 g L
-1

 and 5 g L
-1

 of glycerol 

due to the partition coefficients of the [OMA][BTA]. The operating conditions were at 30 

°C, pH 7, 1950 rpm, 1 vvm and 5% of ionic liquid fraction. The IL was equilibrated 

previously with oxygen, substrate and 50 mL aqueous phase and then as aforementioned 3 

g of biomass L
-1

 were added and resuspended in 20 mL of 50 mM phosphate buffer to start 

the bioconversion. During conversion experiments, samples of 500 μL were taken every 3 

minutes during the first 15 minutes and then every hour for 4 hours. Samples were quickly 

frozen to stop the reaction. The analysis of substrate and product was as that mentioned 

when thebiphasic system was studied, vide section 2.9. 
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3. RESULTS AND DISCUSION 
 

3.1. Partitioning coefficients for substrate and product 
 

The determination of the partitioning coefficients for substrate (Kps) and product (Kpp) allow to 

determine the the capability of each IL for supplying substrate to aqueous phase and for removing 

product from aqueous phase to IL in order to maintain non inhibition concentrations in aqueous phase 

where in biocatalyst is contained. Therefore, the values of the partition coefficients for substrate and 

product are important criteria for selecting a ionic liquid [22]. From this end, the partitioning 

coefficients for substrate (Kps) and product (Kpp) using four ILs were determinated. Table 1 presents the 

Kps and Kpp obtained for the ILs studied. The highest partitioning coefficients for susbtrate and product, 

28.98 and 15.51, respectively, were obtained for [MBP][BTA]. As observed partitioning coefficients for 

susbtrate are larger than those for product. This difference is due to ketones possess of a stronger 

lipophilic character. All other ILs presented partitioning coefficients for substrate between ca. 9.77 to 

15.66 and for product between ca. 4.07 to 4.14. Torres-Martínez et. al. [23] reported Kps values for 

ketones using the IL [OMA][BTA] of 25.8. Bräutigam et al., [24] mentioned that [PF6] and [BTA] 

provided, considerably, higher distribution coefficients for the alcohol 4-Cl-PE and ketones. Abraham et 

al., [25] determined the partitioning coefficient of octanol, KOW in a water-ionic liquid system 

evaluating twelve ionic liquids at room temperature. They observed that KOW increases as the alkyl 

chain length of the cation increased as well. 
 

Table 1 lists the partitioning coefficients for substrate and product in the pahses (buffer-IL) for the ILs studied. 
 

  
Ionic liquid 

 Kps for (bicycloketone  Kpp for (bicyclolactone -2- 
 

   

[3.2.0]hept-2-en-6-one) 
 

oxabicyclo[3.3.0]oct-6-en-3-one) 
 

     
 

       
 

  [BMIN] [PF6] 9.77 ± 0.7 4.07 ± 0.5 
 

  
[HMIM][BTA

] 15.66 ± 1.3  4.09 ± 0.3 
 

  [MBP][BTA] 28.98 ± 1.5  15.51 ± 1.6 
 

  [OMA][BTA] 13.21 ± 1.4  4.14 ± 0.7 
 

       
 

 

3.2. Overall oxygen mass transfer coefficient, kLa 
 

Garcia and Gómez, [26] mention that many factors are known to affect the mass transfer coefficients, 

kLa, including parameters such as agitation, airflow rate, vessel geometry, fluid characteristics (density, 

viscosity, surface tension, etc.), the concentration and physical properties of the immobilizing materials 

(density, particle size, etc.). Thus, it is important know how is the kLa affected in a TPPB. In this work 

the influence of the IL fraction and agitation on the kLa were studied. The operating conditions were 1.4 

vvm, 5% of ionic fraction and agitation of 750, 1350 and 1950 rpm. The range of kLa values from air-

water 
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were 32 to 310 h
-1

 while for the air-water-ionic liquid system were between 20 to 280 h
-1

. Figure 2 

shows the kLa values for the systems air-water and air-water-IL; the adition of 5% of the dispersed 

fraction leads a slight decrease of the kLa for all ILs studied in comparation with the biphasic 

system without IL. Martín et al. [27] mention that these differences of kLa between the dispersed 

and the aqueous phase are due to the change in the viscosity in the bioreactor. These changes 

determine the liquid diffusivity value, the break-up and the coalescence behavior. They reported 

that the liquid viscosity has two effects that determine the mass transfer rates. Liquid viscosity 

affects bubble mean size. Bubbles are more stable in a viscous liquid and the contact area 

decreases. Furthemore, liquid diffusivity decreases due to the reduced mobility of the liquid layers 

surrounding the bubbles. As a result the volumetric mass transfer coefficient decreases because of 

these two physical phenomena, lower contact area and reduced diffusivity. The [OMA][BTA] had 

the lower kLa value. Torres-Martínez et al., [23] reported similar values of kLa between 20 to 220 

h
-1

 for the same IL in a 1 L stirred tank biorreactor and mention that the [OMA][BTA] is more 

viscous than the others ILs. 
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Figure 2. Overall mass transfer coefficient, kLa for the four ILs studied at 5 % and without IL to different agitation 

rates, the aeration was 1.4 vvm. 

3.3. Sauter mean drop diameter, d32 
 

In the TPPB, it is crucial the study of the substrate and product mass transfer to maintain an equilibrium 

between these mechanisms and the bioconversion. For this work, the effect of agitation rate on the mean 

drop diameter of the dispersed phase d32 was studied. Figure 3a shows the d32 of dispersed phase at 1.4 

vvm and 5% of ionic fraction. For this system at low agitation rate (750 rpm) high values of d32 (250-

75µm) were observed. It was also observed that the dispersed phase did not have an adecuate mixing 

and remained at the bottom of the 
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bioreactor. At this agitation rate the system was in transitional regime and there were not adequate 

conditions for the bioconversion due to possible troubles with the mass transfer mechanisms. At high 

agitation rates (1050-1950) the smaller d32 (70-40 µm) were obtained, from 1350 rpm onward the d32 

were constant and no changes were observed for all ILs studied. Torres-Martínez et al. [23] reported 

values of d32 among 70 to 15 µm for three of the ILs used in this work in a 1.0 L bioreactor. Figure 3b 

shows the mass transfer interfacial area A obtained acording to Eq. (4), the ILs [HMIN][BTA], 

[MBP][BTA] and [BMIN][PF6] had values of A among 2500 to 4000 m
-1

 till the [OMA][BTA] had 

values between 2000 to 500 m
-1

. The differences of the A sizes between the ILs were because they had 

not the same viscosities and interfacial tensions leading to different breakage mechanisims and therefore 

different d32 values. These results were coupled to a previous work [28], using estimated values of 

substrate and product mass transfer coefficients (kS and kP) respectively with a mathematical model of a 

TPPB to determine the global mass transfer coefficients for substrate and product kSA and kPA 

respectively, the values obtained were among 690 to 5560 for kSA and 65 to 520 for kPA. Melgarejo et 

al., [21] mention that the determination of the mass transfer coefficients allow establishing the optimal 

conditions through a regime analysis using characteristic times for substrate and oxygen supply, in situ 

product recovery by the ionic liquid phase, and the cell metabolic demand. 
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Figure 3. a) Effect of agitation rate on Sauter mean drop diameter d32 for the ILs studied at 5% v/v and 1.4 vvm. 
 

b) Mass transfer interfacial area A of the dispersed phase determined form the d32 values. 
 

 

3.4. Production of lactone in biphasic system (air-water) 
 

In a previous work, different operation conditions were studied for the production of lactone in 

aqueous phase, the best conditions were 1.4 vvm, 1350 rpm, 0.35 g L
-1

 of substrate and 3 g of 

biomass L
-1

 [29]. Figure 4a shows that at these conditions the 
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biocatalyst consumed all substrate and the lactones production was of 100 % in 90 min. At these 

conditions there was not substrate and product inhibition. Figure 4b shows that the DO in the 

bioreactor is enough for the metabolic demand of the cells and there was not oxygen inactivation 

[30]. Doig et. al. [9] mention that the optimum oxygen transfer rate allowed minimized potential 

oxidative damage. For optimum performance the DO should be maintained near to zero and 

successful scale-up to 300 litres was carried out on this basis. Nevertheless the productivity of 

lactones at these conditions is very low due to it is not possible increase the substrate concentration. 
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Figure 4. a) Lactone production due to the substrate uptake rate by the cells. b) DO in the bioreactor during the 

bioconversion in an air-water system. 

 

 

3.5. Production of lactones in three phase system (air-water-ionic liquid) 
 

To study the bioconversion of the lactones in a three phase system, the operation conditions for 

the four ILs studied were 1950 rpm, 1.4 vvm and 5% of ionic fraction. It is relevant mention 

that all ILs, before of their use, were washed with distilled water to remove possible toxic 

traces synthetized during cell cultivation. Figure 5a shows the substrate concentration in 

aqueous phase, in the time interval from 0 to 180 min. The substrate concentration decrease 

quickly due to substrate uptake rate (STR) by the cell and is higher than the substrate transfer 

rate from the ionic liquid to the aqueous phase. After this time (180 to 300) the STR decrease 

to stop and at this moment the mechanism that governed is the substrate mass transfer from the 

ionic liquid to the aqueous phase till come to equilibria between the phases. Figure 5b shows 

the production of lactones as function of the time, the IL [OMA][BTA] had a high lactone 

production in ratio of the substrate concentration in the bioreactor (70 %), the [HMIN][BTA] 

reached a conversion of 30% and for [BMIN][PF6] was of 16%. 
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Although [MBP][BTA] was the IL that had the highest retention capacity of substrate and 

product due to its partition coefficients compared to another ILs, nevertheless it had the lowest 

lactone production (11 %). In this figure is possible to apreciate that the time of bioconversion 

for air-water-ionic liquid system was higher than the air-aqueous system (Figure 3a), this trend 

could be due to the adition of the dispersed phase that increase the viscosity in the system 

causing difficulty in mass transfer between the three phases. Dong-Xiang et. al. [31] mentioned 

that usually the high viscosity of IL´s may result in the incomplete conversion due to the 

difficulty for whole of the IL being sufficiently contacted with aqueous phase. But the negative 

transfer effects caused by high viscosity seem very limited. Another explanation is according 

to Déziel et al. [32], they proposed three main mechanisms through which microorganisms 

utilize substrates in TPPB systems namely, uptake of dissolved substrate from the aqueous 

phase, aqueous-organic interfacial uptake and uptake of substrate by direct contact with the 

organic phase. But it is clear that for some reason the reaction was stoped between 240 and 300 

minutes of bioconversion time in all cases. Dong-Xiang et al. [24] tested two IL´s 

[BMIN][PF6] and [BMIN][BTA] in the biotransformation of 16α,17-epoxyprogesterone by R. 

nigricans. Besides, they obtained in the biphasic system a total conversion of 87% at a phase 

ratio of 10 and 75% at a phase ratio of 5, respectively. Since recycling of the [BMIN][PF6] is 

quite easy, there is a great potential for the application of ILs in biotransformations to 

implement green production. Nevertheless for a suitable choice of IL it is neccesary to study 

the toxicity caused to the cell by the ILs. 
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Figure 5. a) Susbtrate concentration and b) Lactone concentration in aqueus phase for the bioconversion of ketones 

in the TPPB for the four ILs studied at 5% v/v of dispersed phase. 
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3.6. Loss of cell viability determination 
 

For the best choice of an adecuate dispersed phase the loss of cell viablity due to the toxicity of the 

ionic liquid was studied. The ionic liquid fraction for all the studies was maintained at 5% (v/v) 

[28]. The loss of cell viability was defined as CFU initial/CFU for each time. Figure 6 shows that 

the IL [OMA][BTA] had the lowest loss of cell viability (56%) than the other ILs (≈77%). 

Currently, the ILs are regarded as promising ‘‘green’’ substitutes for organic solvents in 

manufacturing, processing, and cleaning technologies 
 

[33]. However, recent studies are contradictory to the above assumption. Kumar and Malhotra 

[34] found therapeutic applications of ILs and for the first time demonstrated the anti-cancer 

activity and cytotoxicity of three different classes of ILs (imidazolium, phosphonium and 

ammonium) for 60 human tumor cell lines and they mentioned that the imidazolium and 

pyrrolidinium compounds confered more toxicity than amonium. 
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Figure 6a) Comparation of the dimensionless viability between aqueous phase with the four ILs studied with 5% 

v/v, the [OMA][BTA] shown lower loss of cell viability. 

 

 

For the ILs studied in this work, the cation of the [OMA][BTA] has ammonium (Figure 7a); 

while for the other ILs the cations have imidazolium and pyrrolidinium (Figure 7b and 7c 

respectively). Probably in the case of the [PF6] anion readily produced hydrofluoric acid in 

water and showed relatively high toxicity to the microbial cells (Figure 7e). Petkovic et al., 

[36]; Li et al., [37] mentioned that ILs may be released into water and cause damage to aquatic 

organisms during generation and application, including effluent discharges and accidental 

spills. Cull et al. [39] used the [BMIN][PF6] as second phase in the biotransformation of 1,3-

dicyanobenzene, 
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however, the cells were not actively growing, and the viability of the cells was assessed 

over only 90 min of exposure to the IL, which does not confirm that the IL used in this 

case was entirely biocompatible with the Rhodococcus strain used. Gangu et al. [40] and 

Lou et al. [33] indicate that the biocompatibility of an IL should be considered as an 

essential evaluation criterion before and it can be fully exploited as a reaction medium for 

a whole-cell-based biotransformation. 
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Cation Anion Cation Anion  
 

c)  
 

a)  
 
 

d)  
b)  

 
 
 

Figure 7. a) The IL[OMA][BTA] in its cation has an amonium; b) [HMIN] [BTA] the cation contained an 

imidazolium; c) [MBP][BTA] its cation contain a pyrrolidimium; and d) [BMIN][PF6] has in the cation an 

imidazolium and as anion hexaflurophosfate. The toxicity and the partitioning coefficients of the ILs are in 

function of the structures of their cations and anions. 

 

 

3.7. Modelling of Loss cell viability 
 

The loss of cell viability inhibition constants were determined for the IL´s studied. The 

change rate of cell viability can be described as a second order equation (Eq. 5) and solved 

by Runge-Kutta Feldberg method. 

d[CFU ] = kin ([CFU 0 ])2
 (5)  

 
 

dt   
 

 

Table 2 shows the percent of loss of cell viability during four hours and their respectives 

values of kin for the IL´s studied at 5% v/v. The IL [OMA][BTA] had the highest viability (55 

%) and its kin was lower than the other IL´s studied. For aqueous phase there is a loss of cell 

viability in lesser extent because the media reaction is compound only for phosphate buffer 50 

mM and glycerol and does not contain nutrients for the growth of the cells. Peric et al. [35] 

analyzed the toxicty of two ILs groups: a new family of protic IL´s, PILs (derived from 

aliphatic amines and organic acids) and some frequently used aprotic IL´s, APIL´s (substituted 

imidazolium and piridinium chlorides) in the aquatic toxicity (test organisms Vibrio fischeri, 

Pseudokirchneriella subcapitata and Lemna minor). The initial comparative hazard assessment 

showed that PILs are, in terms of toxicity, much favorable than the here tested AILs. This fact, 

together with their low production cost, simple synthesis and possible applications, suggests 

that they have a potential “greener” profile among other ionic liquids and a good prospect for a 

wider use. 
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Table 2. Loss of cell viability and their inhibition constants due to the toxicity of the IL´s studied at 5 %. 
 

  
Ionic liquid 

 Loss of cell  Deactivation  
 

   

viability (%) 
 

constant (kin) h
-1

 
 

     
 

        
 

  [MBP][BTA] 74 0.39  
 

  [HTM][BTA] 66  0.32  
 

  [BMN][PF6] 60  0.28  
 

  [OMA][BTA] 55  0.24  
 

       
 

  Aq phase (only) 43 0.16  
 

        
 

 
 

5. CONCLUSIONS 
 

Although the IL [OMA][BTA] had the lower partition coefficients than the others IL´s studied and a 

high viscocity that difficult to handle it. It was the IL that had a good performance in the bioconversion 

and a low loss of cell viability constant. The results obtained allowed to choose an adecuate dispersed 

phase in function of the performance of the bioconversion and the loss of cell viability. These facts 

suggest that the use of IL´s as dispersed phase in a TPPB is an adequate strategy to increase the 

productivity of lactones compared to the ordinary processes (water-air). The ionic liquid phase allowed 

to increase the substrate concentration two fold (0.7 g L
-1

) than the water-air system (0.35 g L
-1

), thus 

increasing the productivity of lactones. This study shows that it is neccesary to consider a proper 

selection and a better designed ionic liquid in bioconversions with whole cells, with higher 

biocompatibility and favourable physicochemical and thermodynamic properties. 

 

6. NOMENCLATURE 
 

A Mass transfer interfacial area of dispersed phase (m
2
 m

-3
) 

 

CFU Colonies Forming Units (CFU mL
-1

) 

 

TPPB Three Phase Partitioning Bioreactor 

 

IL´s Ionic liquids 

 

CHMO Cyclohexanone monooxygenase 
 

d32 Sauter mean diameter (micron) 

 

DO Dissolved Oxygen (mg L
-1

) 
 

O2* Saturated Oxygen in the bioreactor (mg L
-1

) 
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O2 Oxygen in the bioreactor (mg L
-1

) 
 

Kp electrode constant (h
-1

) 
 

kLa Oxygen mass transfer coefficient (h
-1

) 
 

kS Substrate mass transfer coefficient (h
-1

) 
 

kP Product mass transfer coefficient (h
-1

) 
 

kSA Overall substrate mass transfer coefficient (h
-1

) 
 

kPA Overall product mass transfer coefficient (h
-1

) 
 

Kps Partition coefficient of substrate 
 

Kpp Partition coefficient of product 
 

kin Loss of cell viability inhibition constant (h
-1

) 
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ABSTRACT 
 

Baeyer-Villiger bioconversion productivity of the cyclic ketone (±)-cis-bicyclo [3.2.0] hept-2-en-6-ona by the biocatalyst 

Escherichia coli TOP10 pQR239 in a multiphase system can be limited by mass transport. Mass transfer rates through the 

liquid-liquid interface depend on the volumetric mass transfer coefficient (kA), the substrate and the product partition 

coefficients. In situ experimental determination of the volumetric mass transfer coefficient in a partitioning bioreactor is 

complex. In this work, the substrate (kS) and product (kP) global mass transfer coefficients were determined in a 

modified Lewis cell in three water-ionic liquids systems. The ionic liquids used were butylmethylpyrrolidinium bis 

(trifluoromethylsulfonyl)imide [MeBuPyrr][BTA], trioctylmethylammonium bis (trifluoromethylsulfonyl)imide 

[OMA][BTA] and 1-butyl-3-metyl-imidazolium hexafluorophosphate [BMIM][PF6]. The maximum kS and kP values 

obtained were: 4.35x10
-5

 and 1.21x10
-5

 m s
-1

 for water-[MeBuPyrr][BTA] system; 1.53x10
-5

 and 7.84x10
-6

 m s
-1

 for 

water-[OMA][BTA] system, respectively; and kS values up to 1.01x10
-5

 m s
-1

 were found for the water-[BMIM][PF6] 

system. The association among the mass transfer coefficients and the physicochemical properties (interfacial tension, 

viscosity and density) and the thermodynamic (partition coefficients) were analysed and discussed. Finally, the 

volumetric mass transfer coefficients (kSA and kPA) were calculated using interfacial areas (A) of the dispersed ionic 

liquid phase estimated from the “Sauter” mean drop diameter (d32) in a one litre stirred tank partitioning bioreactor. 

 

Key Words: Partitioning bioreactors; mass transfer coefficients; ionic liquids; Lewis cell. 
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1. INTRODUCTION 
 

 

Recent advances and future challenges for Baeyer–Villiger monooxygenases (BVMOs) were 

pointed out by Torres-Pazmiño et al. [1]. This review provides an overview on the recently gained 

knowledge on BVMOs and sketches the outlook for future industrial applications of these unique 

oxidative biocatalysts. Baldwin and Woodley [2] reported a Baeyer-Villiger whole cell 

bioconversion process using Escherichia coli TOP10 pQR239, which presents substrate (0.2-0.4 g 

L-1) and product (4.5-5.0 g L-1) inhibition. Different alternatives have been reported to overcome 

substrate and product inhibition, and BVMO’s oxidation [3-5]. Ionic liquids can be used as a 

substrate reservoir and in situ product extracting agent in a partitioning bioreactor, replacing 

organic solvents and thereby increasing process efficiency [6]. Oppermann et al. [7] reviewed the 

use of ionic liquids for two-phase systems and their application for purification, extraction and 

biocatalysis. Recently, different applications of ionic liquids in two-phase systems for 

bioconversion processes have been reported [8-9]. However, Baeyer-Villiger bioconversion 

productivity in a multiphase system could be limited by low mass transfer rates across the inter-

phases (gas-liquid and/or liquid-liquid). Substrate and product mass transfer rates through the 

liquid-liquid interfacial area depend on volumetric mass transfer coefficients. In situ experimental 

determination of volumetric mass transfer coefficients in a partitioning bioreactor is complex. 

Nevertheless, they can be obtained by studying transfer mechanisms of solutes through the liquid-

liquid interface [10] and determining global mass transfer coefficients using a constant interfacial 

area. Al-Dahham and Wicks [11] summarised Lewis cell modifications by several authors to 

determine mass transfer coefficients of solutes through the interface in different two phase systems 

[12-15]. However, reports on mass transfer coefficients determination in water-ionic liquids 

systems are scarce. 

 
 

The aims of this work were to determine substrate and product global mass transfer 

coefficients in a three biphasic water-ionic liquid system using a modified Lewis cell and, on 

the other hand, to observe the effect of ionic liquid physicochemical properties on the resulting 

experimental global mass transfer coefficients. 
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2. MATERIAL AND METHODS 
 

2.1 Chemicals 
 

Bicyclo[3.2.0]hept-2-en-6-ona and (-) 1(R),5(S)3-oxabicyclo[3.3.0]oct-6-en-2-ona (Fluka, 

Switzerland) were used as the substrate and product to be extracted, respectively. Ionic liquid 

phases used for mass transfer studies were: butylmethylpyrrolidinium 

bis(trifluoromethylsulfonyl)imide [MeBuPyrr][BTA], trioctylmethylammonium 
 

bis(trifluoromethylsulfonyl)imide [OMA][BTA], and 1-butyl-3-metyl-imidazolium 

hexafluorophosphate [BMIM][PF6]. All had a purity of >98% and were purchased from 

Solvent Innovation GmbH (Köln, Germany). These ionic liquid were chosen based on their 

microorganism compatibility and different physicochemical properties (Table 1) 

previously reported [16]. The aqueous phase used in all experiments was previously 

saturated with the studied ionic liquid. 

Table 1. Physicochemical properties of the ionic liquids used reported by Torres-Martínez et al. [16]. 
 

         Partition coefficients 
 

           
 

  
Ionic liquids 

  Interfacial Dynamic Density, ρ Maximum   
 

      

(kg m
-3

) 
   

 

     tension, σ viscosity, μ solubility Substrate Product 
 

     (kg s
−2

) (kg m
−1

 s
−1

)  (g L
-1

)   
 

          
 

  [BMIM][PF6] 0.0075 0.03 1190 18.6 27.8 13.0 
 

  [MeBuPyrr][BTA] 0.0114 0.04 1389 5.4 25.8 13.3 
 

  [OMA][BTA] 0.0197 0.30 1101 0.02 25.5 6.5 
 

           
 

 
 

2.2 Lewis cell 
 

A modified Lewis cell was used (Figure 1), consisting of a jacketed glass vessel 11.8 cm high and with 

an internal diameter of 6.7 cm. Each phase had a volume of 182 mL. Two independent marine 

propellers (di=3.5 cm), each one located inside a suction glass tube (internal diameter 4 cm and height 

3.5 cm ) supported by six baffles producing a radial and tangential flow motion to a constant interfacial 

area (aCell) of 18.5 m
2
 m

-3
. Temperature of both liquids inside the Lewis cell was kept at 30 ⁰C by 

passing water through the cell’s jacket from a water bath. Different agitation rates (65-205 rpm) in each 

phase were settled, allowing different liquid velocities (VS) in each phase near the interface. To 

determine VS, small bead particles were made from silicon and epoxy resin with the same fluid density. 

Time required for the small bead to go around the internal tube at different agitation rates in each phase 

was measured and an arithmetic average was obtained, and this value was used to calculated fluid 

velocity [17]. Then, global mass transfer coefficients could be estimated at liquid velocity values close 

to those obtained in a dispersion system. 
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Figure 1. Modified Lewis cell used to estimate global mass transfer coefficients through the interface between two 

liquid phases. 
 

2.3 Experiments in the Lewis cell 
 

For experiments in the modified Lewis cell using [MeBuPyrr][BTA], agitation rates for aqueous 

and ionic liquid phases were established from a central composite experimental design with two 

independent factors (agitation in each phase), each one at three levels of operation (65, 100 and 205 

rpm for the aqueous phase and 0, 165 and 205 rpm for the ionic liquid phase) requiring 11 

experiments. For Response Surface Methodology (RSM) experiments, the “Fusion Pro” experiment 

design software (Version 6.7.0, USA) was used for regression and graphical analysis of the 

experimental results. In the experiments using [OMA][BTA] and [BMIM][PF6], only the aqueous 

phase was agitated. Aqueous phase agitation rates were 80, 110, 140, 170 and 200 rpm for the 

water-[OMA][BTA] system, and 115, 150 and 200 rpm for the water-[BMIM][PF6] system. For 

each experiment, a pulse of 2.0 mL of solution containing substrate and product were added to the 

aqueous phase. Samples of 1.0 mL were taken from the aqueous phase at different time intervals 

from t = 0 to 35 minutes; this time was necessary to reach equilibrium. The samples were analysed 

by gas chromatography (GC) and a standard curve was used to determine substrate and product 

concentration in the aqueous phase. Substrate and product concentrations in the ionic liquid phase 

were calculated from mass balance. 
 

2.4 Analysis 
 

Gas chromatography (GC) was used to quantify the concentrations of the substrate and the product in 

the aqueous phase. Samples of 1 µL were injected into XL gas chromatograph (Perkin Elmer, Norwalk, 

CT) fitted with a CYCLOSILB 113-6632 capillary column (30 m x 530 µm) (J&W Scientific), and 

concentrations were determined using an external calibration curve 

 

42 



(Figure 2). The GC injector temperature was set at 250⁰C. The GC temperature program 

used was as follows: the initial oven temperature was 100⁰C, held for 1 min and followed 

by a temperature increase at 10°C min
-1

 up to 150°C, which was then held for 3 min. 

Retention times were 3.7 min and 3.95 min for the substrate (mixture of ketone isomers) 

and 8.5 min for the product. 

 
 6e+6      

 

  Substrate     
 

 5e+6 Product     
 

       

u
n

it
s 

4e+6      
 

      
 

A
rb

it
ra

ry
 

3e+6      
 

 r2 = 0.991 r
2
 = 0.998   

 

      
 

 2e+6      
 

 1e+6      
 

 0      
 

 0.0 0.5 1.0 1.5 2.0 2.5 
   

Substrate and product concentrations (g L
-1

) 

 
Figure 2. Standard curve for substrate (•) and product (○) concentration measured by gas chromatography. 

 
Lines for substrate (▬) and product (---) are obtained by linear regression. 

 

 

2.5 Estimation of mass transfer coefficients 
 

Solute transfer rate through the interface water-ionic liquid can be expressed in a general 

form by the equation (1): 

dS 

= −kaCell (S − S f ) (1)  
dt 

 

where: dS/dt is the mass transfer rate in the interface, k is the global mass transfer 

coefficient, aCell is the interfacial area, S is the substrate or product concentration in the 

bulk aqueous phase, and Sf is the solute equilibrium concentration in the aqueous phase. 

Solving equation (1) at t = 0 S = S0 and at t = t S = S: 
 

 (S − S f ) 

(2) 
 

ln 
  

= −kaCell t 
 

(S0 − S f )  

   
 

 

The concentration Sf can be expressed as a function of the initial solute concentration, S0, 

and its partition coefficient, M: 
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S f  = 
So  

(3) 
 

M +1  

  
 

 
Taking into account the design of the Lewis cell, near the interface both liquids flow 
parallel to the interfacial area, so we defined the characteristic length (L) as the cell 
diameter. Then the Reynolds number of liquids flowing near the interface can be expressed 
as: 

NRe = 
ρLVS 

(4) 
 

 
  

µ 
 

where: ρ and μ are the density and dynamic viscosity of the liquid, respectively; L is the characteristic 
length, and VS is the fluid velocity near the interface. 

 

 

3. RESULTS AND DISCUSSION 
 

3.1 Substrate and product global mass transfer coefficients obtained in the Lewis cell 
 

The substrate and product global mass transfer coefficients (kS and kP, respectively) were 
estimated from the resulting slopes, early defined in (Eq. (2)), of the logarithmic profile of 

solute concentration against removal time divided by mass transfer area (18.5 m
2
 m

-3
) of 

the Lewis cell. The kS and kP plotted against the Reynolds numbers (NRe) of each phase in 
the water-[MeBuPyrr][BTA] system are shown in Figure 3. Global mass transfer 
coefficients are influenced by hydrodynamics near the interface. It can be seen in Figure 

3A that the increase in the NRe of both phases increased the kS value. The increment of the 
inertial forces decreased the thickness of the boundary layers of the liquids, probably 
diminishing resistance to the mass transport. A Pareto’s analysis of the data showed that 
the agitation rate in the aqueous phase was the factor of greatest influence on the value of 

kS (p < 0.05). It can also be seen in Figure 3B that the highest values of kP were obtained 

with the higher NRe in both phases. In this case, the Pareto’s analysis showed that the two 

variables with most significant effect on the kP were the agitation rate in the ionic liquid 
phase and the simultaneous agitation rate of both phases (p 

 

< 0.05). Maximum kS and kP values of 4.35x10
-5

 and 1.20x10
-5

 m s
-1

, respectively, were 

obtained. 
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Figure 3. Global mass transfer coefficients versus Reynolds numbers (NRe) of both phases in the interface for 

water-[MeBuPyrr][BTA] system: A) substrate, kS; and B) product, kP. 

 

 

In the water-[OMA] [BTA] system, it was not possible to stir the ionic liquid phase because of the 

disturbance of the interfacial area due to its high viscosity (0.3 kg m
-1

 s
-1

). In this case, kS and kP were 

reported as a function of the NRe of the aqueous phase (Figure 4). Variations in the kS values in the 

range tested did not let us to observe a tendency with respect to NRe of the aqueous phase where the 

maximum kS value (1.53 x 10
-5

 m s
-1

) was obtained at 200 rpm. Different performance was observed 

for the water-[BMIM][PF6] system where kS values showed a direct linear relationship to NRe of the 

aqueous phase (Figure 5). kS values increased almost 10 fold up to 1.01x10
-5

 m s
-1

 when the NRe 

increased from 4300 to 6800. On the other hand, in the water-[OMA] [BTA] system the maximum kP 
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value (7.84x10
-6

 m s
-1

) was 1.95 times lower than that obtained for kS. Similar results 

were observed in the water-[MeBuPyrr][BTA] system (3.62 times lower). 
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Figure 4. Global mass transfer coefficients versus Reynolds number (NRe) of the aqueous phase for the water-

[OMA][BTA] system: (■) substrate, kS; and (○) product, kP. 
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Figure 5. Substrate global mass transfer coefficients (kS) versus Reynolds numbers (NRe) of the aqueous phase for 

water-[BMIM][PF6] system. 
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In both the [MeBuPyrr][BTA] and [OMA][BTA] systems, kP values were less than those for kS, 

probably due to the different physicochemical properties of the substrate and the product, such as 

the partition and diffusivity coefficients. It was noted that the size of the solute molecules and 

liquid viscosity were inversely proportional to the diffusivity coefficient. Molecular diffusivities for 

the substrate and the product (7.89x10
-6

 and 7.43x10
-6

 cm s
-1

, respectively) in the aqueous phase 

were estimated using Wilke-Chang correlations [18]. On the other hand, analysing the variables 

that influence mass transfer during liquid-liquid extraction through dimensional analysis [19] 

showed the effect of density and viscosity of the ionic liquid phase on mass transfer coefficients. 

Mass transfer coefficients obtained in this work were on the same order of magnitude as those 

reported in similar Lewis cells. For example, Woodley et al. [12] obtained k values of 11.1x10
-6

 - 

21.9x10
-6

 m s
-1

 for benzyl acetate transferred from its own organic phase to an aqueous phase 

composed of phosphate buffer. The agitation rates in both phases were 260 to 604 rpm. Srivastava 

et al. [14] reported k values of 11x10
-6

 and 12x10
-6

 m s
-1

 for a limonene/water/heptanoic acid 

system, where heptanoic acid was the molecule transferred from the aqueous phase to the organic 

phase (limonene). Both studies noted that by increasing the agitation rate in both phases, the 

thickness of the boundary layer of the interface is reduced, leading to an increase of the mass 

transfer coefficient. 
 

Global mass transfer coefficients are not only influenced by hydrodynamics near the interface, but also 

by the thermodynamics. Global mass transfer coefficients values in relation to the physicochemical 

properties of ionic liquids (interfacial tension, viscosity, density) and the partition coefficients of the 

compounds extracted (Table 1) were analysed. The kS values for the three water-ionic liquid systems at 

higher aqueous phase agitation (200-205 rpm) and non-agitation of the ionic liquid phase are presented 

in Table 2. It was observed that the viscosity of the ionic liquids showed a direct linear relationship to 

kS. The increment of mass transfer coefficients due to the increment in viscosity of the organic phase 

(tri-n-butyl phosphate) has also been reported by Bandyopadhyay et al. [20] for the extraction of 

tellurium (IV) using a biphasic system. Interfacial tension also showed a direct linear relationship to kS. 

However, the influence of interfacial tension has mainly been related to droplet breakage and 

coalescence mechanisms [21] rather than mass transfer resistance. In contrast, the partition coefficients 

showed an inverse linear relationship to kS, probably due to the highest mass transfer resistance located 

in the phase with the lower equilibrium solute concentration (the aqueous phase in these systems) [15]. 

No relationship between the density of ionic liquids and kS values was observed. The 
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maximum kS values were obtained with the water-[OMA][BTA] system, which has a higher 

viscosity and interfacial tension. On the other hand, kS values were lower for the water-

[BMIM][PF6] system, which has a viscosity 10 times lower than that of [OMA][BTA], and the 

lowest interfacial tension value of the others two biphasic systems. Despite this, there was a 

significant difference in the product partition coefficient values between the water-[OMA][BTA] 

and [MeBuPyrr][BTA] systems; it was also observed that the kP values were higher in the water-

[OMA][BTA] system than in the [MeBuPyrr][BTA] system. These results could also be influenced 

by the maximum solubility differences of the three ionic liquids tested (Table 1). More molecules 

of the ionic liquid dissolved in the aqueous phase probably influence molecular diffusivity through 

the aqueous phase boundary layer; therefore, mass transfer is reduced. Recently, it has been 

reported the study of a biphasic system using the ionic liquid [HMIM][Tf2N] and 1-Octene, which 

are partially soluble. The authors claimed that concentration influenced phase equilibrium, and 

interfacial physical properties [22,23]. Besides, interfacial tension values of the biphasic system are 

much lower than the surface tension of pure ionic liquids [24]. Therefore, these results show an 

important influence of the physicochemical properties of the ionic liquid phase on mass transfer. 
 

Table 2. Higher global mass transfer coefficients of ionic liquids used (agitation in aqueous phase, 200-205 rpm, 

and non-agitation in the ionic liquid phase). 
 

     Global mass transfer coefficients 
 

  
Ionic liquids 

    
 

    

Substrate Product  

     
 

     kS x10
5
 (m s

-1
) kP x10

6
 (m s

-1
) 

 

      
 

  [BMIM][PF6] 1.01 -- 
 

  [MeBuPyrr][BTA] 1.25 5.32 
 

  [OMA][BTA] 1.53 7.84 
 

       
 

 

In order to highlight the methodology used to estimate the global mass transfer coefficients, 

liquid velocities near the interface can be compared to those obtained from computational fluid 

dynamic (CFD) simulations (unpublished results) in a baffled one litre bioreactor at 1000 rpm, 

using the [MeBuPyrr][BTA] ionic liquid as the dispersed phase. The highest experimental 

aqueous phase velocities (2.29-14.4 cm s
-1

) and ionic liquid velocities (1.0-3.5 cm s
-1

) were 

close to the velocity values of the continuous aqueous phase (1.74 cm s
-1

) and the dispersed 

ionic liquid phase (2.28 cm s
-1

) preliminary obtained in our laboratory using CFD simulations. 
 

3.2 Volumetric mass transfer coefficients in a stirred tank partitioning bioreactor 
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The lower values kS and kP measured in the modified Lewis cell in both biphasic systems were 

multiplied by the mass transfer volumetric areas (A) of the dispersed ionic liquid phases obtained under 

different operation conditions (ionic liquid fraction, agitation and aeration rates) in a stirred tank 

partitioning bioreactor, as reported by Torres-Martínez et al. 
 

[16]. This allows for obtaining volumetric mass transfer coefficients for the substrate and the product 

(kSA and kPA), which could occur in this type of bioreactor. The obtained range values were: kSA (162 

to 2470 h
-1

) and kPA (80 to 500 h
-1

) in the water-[MeBuPyrr][BTA] system; kSA (7.5 to 36 h
-1

) and 

KPA (2.8 to 12 h
-1

) for the water-[OMA][BTA] system; and kSA (142.6 h
-1

) in the water-[BMIM][PF6] 

system. Melgarejo-Torres et al. [25] reported a regime analysis of a Baeyer-Villiger bioconversion in a 

three-phase stirred tank partitioning bioreactor using [MeBuPyrr][BTA] as dispersed phase. The authors 

found that the characteristic time for substrate transfer (1/kSA) was between 2 and 22 s
-1

. Using global 

mass transfer coefficients for [OMA][BTA] obtained in this work the characteristic time 
 

for substrate transfer increased up to 100 and 480 s
-1

, respectively. This association 

between the kS and kP with the drop area of the dispersed ionic liquid phase (A), in a three 

phase partitioning bioreactor, will make it possible to establish if the mass transfer rate is 

equal to or greater than the substrate consumption rate and product formation in a Baeyer-

Villiger bioconversion [25]. 

 

 

4. CONCLUSIONS 
 

Experimental substrate and product global mass transfer coefficients values were affected by the 

hydrodynamics near the interface, as well as the physicochemical properties of the ionic liquid 

phase (interfacial tension and viscosity) and thermodynamics (partition coefficient). Determination 

of experimental mass transfer coefficients by approaching aqueous and ionic liquid velocities near 

the interface in the Lewis cell to those estimated in a stirred tank partitioning bioreactor seems 

suitable. The volumetric mass transfer coefficients (kSA and kPA) can be calculated with the 

coefficients (kS and kP) obtained using the Lewis cell and the interfacial areas (A) of the dispersed 

ionic liquid phase estimated from the Sauter mean drop diameter (d32) in a one litre stirred tank 

partitioning bioreactor. Such kSA and kPA experimental values will allow us to compare mass 

transfer rates and product formation or substrate consumption rates in bioconversion processes. 

 

5. NOMENCLATURE 
 

A Liquid-liquid interfacial area available for mass transfer in the bioreactor (m
2
 m

-3
) 
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Interfacial area of the Lewis Cell (m
2
 m

-3
) 

k Substrate or product mass transfer coefficient (m s
-1

) 

Substrate or product volumetric mass transfer coefficient in the bioreactor (h
-1

) 

Product mass transfer coefficient in the Lewis cell (m s
-1

) 

Product volumetric mass transfer coefficient in the bioreactor (h
-1

) 

Substrate mass transfer coefficient in the Lewis cell (m s
-1

) 

Substrate volumetric mass transfer coefficient in the bioreactor (h
-1

) 
 

L Characteristic length, diameter of the interfacial area (m) 

MSubstrate or product partition coefficient (Dimensionless)  

SSubstrate or product aqueous phase concentration in the Lewis cell at time t (g L
-

1
) 

S0 Substrate or product aqueous phase initial concentration in the Lewis cell (g L
-1

) 

S f 

Substrate or product aqueous phase equilibrium concentration in the Lewis cell 

(g L
-1

) 

VS Fluid velocity near the interface (m s
-1

) 

 Greek letters 

φ Volume fraction of the dispersed phase (L L
-1

) 
ρ Density of the ionic liquid or aqueous phase (kg m

-3
) 

μ Viscosity of the ionic liquid or aqueous phase (kg m
-1

 s
-1

) 

σInterfacial tension (kg s
-2

) 
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ABSTRACT 
 

 
The aim of the current work was to develop a pseudo intrinsic kinetic model based on elementary reactions for bicyclic 

ketone bioconversion to form lactone using cyclohexanone monooxygenase (CHMO) expressed in Escherichia coli 

TOP10 pQR239. In this model the reaction mechanism proposed followed the formalism of Langmuir-Hinshelwood and 

considered both substrate inhibition and oxygen inactivation by the formation of intermediary complexes. Therefore, 

approximations of the pseudo equilibrium of reaction rates or steady state intermediary species were not considered, 

which allowed for identifying the role of each reaction step involved in the bioconversion. This kinetic model adequately 

described the observations with and without substrate inhibition and/or oxygen inactivation. And the regression and the 

estimated parameters were statistically significant, making these analyses reliable regarding the kinetic behavior of 

CHMO. Then, substrate and oxygen affinity and inhibition constants were obtained from the kinetic parameters of the 

model. It was observed that oxygen and substrate presented similar affinity constant values. The substrate inhibition (KIS) 

and oxygen inactivation (KIO2) constants were determined to be 9.98 µM and 22.3 µM, respectively, showing that the 

CHMO enzyme was twice more sensitive to inhibition by an excess of substrate than oxygen. There are no reports of the 

oxygen inactivation constant in the literature. The proper studies of mass transport phenomena and kinetics are essential 

to describe, understand and find optimal conditions for the design and scale-up of this kind of bioconversion. Current 

work is evaluating a partitioning bioreactor to minimize the inhibitory effect of substrate. 

 
 
 
 

 

Key words: Bioconversion; Cyclohexanone monooxygenase; Modelling; Kinetic parameters; Substrate 

inhibition; Escherichia coli 
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1. INTRODUCTION 
 

 

Lactones have wide applications in flavorings, as precursors of anticancer and antihypertension drugs 

and in the pharmaceutical industry [1]. Lactones have been obtained by whole cell Baeyer-Villiger 

bioconversions using cyclohexanone monooxygenase (CHMO) expressed in Escherichia coli TOP10 

pQR239 [2]. The use of whole cells allows enzyme cofactor regeneration for the production of 

enantiomerically pure compounds [3]. However, it has been reported [4,5] that ketone bioconversion 

using CHMO is inhibited by the substrate and product at concentrations above 0.4 and 4 g L
-1

, 

respectively. Additionally, Bennet [6] reported that enzyme inactivation may occur due to residue 

oxidation of two serines close to the active site. A number of strategies have been proposed to avoid 

these types of inhibition, such as substrate feeding and in situ product removal using Lewatit resin [7], 

biocatalyzer encapsulation to prevent CHMO oxidation [8], the use of ionic liquids as an immiscible 

phase substrate reservoir and in situ product removal and maintaining the biocatalyzer (whole cells) in 

the aqueous phase [3], a stirred tank partitioning bioreactor using ionic liquids as the dispersed phase [9] 

and CHMO molecular structure changes to fold the serines susceptible to oxidation inside the enzyme 

[10]. 

 
 

Despite several experimental studies on the molecular structure of CHMO, its catalytic activity and 

reaction rates of the intermediate steps in the overall reaction in order to propose a basic 

bioconversion mechanism [11,12,13], there have been few studies on kinetic modeling considering 

simultaneous substrate, product and oxygen inhibition phenomena. Some pseudo empirical kinetic 

models have been reported following Michaelis-Menten approach to describe product formation 

and substrate consumption in monooxygenase kinetics [14,15,8]. However, they do not take into 

account elementary reactions accounting for oxygen as a second substrate for bioconversion. The 

use of this kind of kinetic models reduces the number of required kinetic parameters; nevertheless, 

the estimated kinetic values depend on the catalyst concentration and become independent of the 

reactor size and its geometrical configuration, providing uncertainties for scaling-up ketone 

bioconversion. In this sense the development of a kinetic model based on an elementary reaction 

mechanism describing Baeyer-Villiger bioconversion will make it possible to describe, understand 

and find optimal conditions for carrying out this kind of bioconversion but mainly for design and 

scale-up. 
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The objective of this work was to develop a pseudo-intrinsic kinetic model to describe the behavior 

of the bioconversion of ketones using whole cells. The mathematical model was based on an 

elementary reaction mechanism that followed the Langmuir-Hinshelwood formalism, considering 

inhibition and inactivation by the formation of substrate or oxygen enzyme complexes in the active 

site of the CHMO. The mathematical model was adjusted and kinetic parameters were estimated 

for three possible cases of the bioconversion of ketones: 1) without any inhibition, 2) inactivation 

by oxygen excess and 3) inhibition by substrate excess. The mathematical model was validated 

through the comparison of experimental data obtained for simultaneous substrate inhibition and 

oxygen inactivation versus calculated values using the estimated kinetic parameters. The kinetic 

parameters obtained yielded valuable information to determine which may be the limiting step in 

the bioconversion reaction. 

 
 

2. MATERIAL AND METHODS 
 

2.1. Chemicals 
 

Bicyclic ketone bicycle[3.2.0]hept-2-to-6-one (≥98%) and bicyclic lactone (1S,5R)-(-)-2-

oxabiciclo[3.3.0]oct-6-en-3-ona (≥99. 0%)) (Fluka, Switzerland) were used as the substrate 

and product standards, respectively. Tryptone, yeast extract, NaCl and glycerol were 

purchased from Sigma Aldrich (EUA). 
 

2.2. Analysis 
 

Gas chromatography (GC) was used to quantify the concentrations of bicycle[3.2.0]hept-2-en-

6-one and its corresponding regioisomeric lactones. Samples (5 µL) were injected into an XL 

gas chromatograph (Perkin Elmer, Norwalk, CT) fitted with a CYCLOSILB 113-6632 

capillary column (30 m x 530 µm) (J&W Scientific), and concentrations were determined 

using an external calibration curve. The GC injector temperature was set at 250⁰C. The GC 

temperature program used was as 
 

2.3. Microorganism 
 

The E. coli strain TOP10 pQR239 was kindly provided by Professor John M. Ward (University 

College London, London, United Kingdom) for research and academic purposes, and is 

referred to hereafter simply as E. coli. To prepare inocula for bioconversion experiments, E. 

coli cells were cultured in Erlenmeyer flasks of 250 mL containing 70 mL of a complex media 

(in g L
-1

): tryptone 10.0, yeast extract 10, NaCl 10.0, in phosphate buffer 50 mM pH 7.0, 

supplemented with 10 g L
-1

 glycerol. Culture 
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media was sterilized in an autoclave at 120⁰C for 15 min and supplemented with 100 mg L-1 

ampicillin follows: the initial oven temperature was 100⁰C, held for 1 min and followed by a 

temperature increase at 10°C min-1 up to 150⁰C, which was then held for 3 min. Retention times 

were 3.7 min and 3.95 min for the substrate (mixture of ketone isomers) and 8.5 min for the 

product. (previously filter sterilized using a 0.25 µm filter). Erlenmeyer flasks were incubated at 

150 rpm for 16 h at 37ºC. After this 16 h growth period, cyclohexanone monooxygenase 

expression was induced by adding the necessary amount of arabinose solution (100 g L
-1

) to reach 

a final concentration of 2 g L
-1

. After 3 h of induction, cells were harvested by centrifugation at 

5,000 rpm for 10 min. 

2.4. Stirred tank bioreactor description 
 

A module with two glass 100 mL stirred tank bioreactors (MMBR100, UAM-I, Mexico) 

was used for all bioconversion studies. The jacketed bioreactors had an internal diameter 

of 4.75 cm and an operating volume of 70 mL (HL/DT = 0.87). The bioreactors were fitted 

with a single, six flat blade Rushton turbine, Di = 1.9 cm (Di/DT = 0.40), located 1.9 cm 

from the flat base of the vessel. The bioreactor was equipped with four equidistant baffles, 

0.5 cm in width, to enhance mixing. 

2.5. Oxygen mass transfer coefficient (kLa) determination 
 

Optical fiber dissolved oxygen mini sensors (PreSens, GmbH Germany) were used for kLa 

determinations. The oxygen sensors were coupled to an OXY-4 mini four-channel oxygen 

meter (PreSens, GmbH Germany). Oxygen mass transfer coefficients (kLa) were calculated 

according to the dynamic method and mathematical model proposed by Fuchs et al. [17], 

which takes into account the electrode response time and the dimensionless dissolved oxygen 

concentrations in the bioreactor (Equation 1). The effect of operating conditions, including 

agitation (750, 1350 and 1950 rpm) and aeration (0.75, 1.0 and 1.4 vvm) rates on kLa was 

studied. 

YP K  ⋅ e−
k

L
at

 − k a ⋅ e− KP
t
 (1)  

= P L  

    

KP − kL a 
 

where YP is the dimensionless dissolved oxygen concentrations in the bioreactor defined 

by Equation 2. 

Y
P = C * − C 

P (2) 
 

 *   

  P   
 

  CP  − CP0  
 

 

where CP* is the saturated oxygen concentration (7.2 mg L
-1

, which was determined with the 

OXY-4 module software using the atmospheric pressure of Mexico City, 1016.9 hPa), 
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CP is the dissolved oxygen concentration, CP0 is the initial dissolved oxygen concentration 

the bioreactor. KP is the electrode constant defined as the inverse of the response time, kLa 
is the oxygen mass transfer coefficient, and t is the time. Fitting was performed using a 

non-linear regression Levenberg-Marquardt algorithm in Polymath
TM

. 
 

2.6. Aerated power consumption (Pg) measurement 
 

Aerated power consumption (Pg) was measured using the methodology recently discussed 

by Ascanio et al. [18]. Basically, the method is based on electrical measurements 

performed directly in the bioreactor stirrer shaft motor by watt meters and ammeters. To 

take into account losses occurring in the agitation system, a blank of the measurements was 

first performed with an empty bioreactor. All measurements were performed in triplicate. 
 

2.7. Bioconversion experiments 
 

Bioconversion experiments were carried out using 3.0 g of biomass L
-1

. A buffer solution 

consisting of 50 mM phosphate pH 7.0 supplemented with 10 g glycerol L
-1

 was used as 

the aqueous phase for the bioconversion media. A full face-centered central composite 

experimental design with three factors and eleven experiments was used. Three levels of 

each factor were studied: agitation rate (750, 1350 and 1950 rpm), aeration rate (0.75, 1 

and 1.4 vvm) and substrate concentration (0.35, 0.80 and 1.0 g L
-1

). During bioconversion 

experiments, samples of 500 μL were taken every 3 minutes during the first 15 minutes and 

then every hour for three hours. Samples were quickly frozen to stop the reaction. For 

substrate and product analysis, the samples were centrifuged at 5000 rpm for 10 minutes to 

separate the biomass and the supernatant was analyzed. The substrate and product were 

quantified by gas chromatography. 
 
 
 

 

3. MATHEMATICAL MODEL 
 

3.1. Kinetic model 
 

To develop a kinetic model for ketone bioconversion, the reaction mechanism suggested 

by Sheng et al. [11] was modified as follows: this reaction mechanism considers oxidation 

of the CHMO active site (E) to form the complex enzyme-oxygen (EO2) which interacts 

with the substrate to form the complex enzyme-oxygen-substrate (EO2S), which is the 

intermediate to form the product of interest (P), and finally the regeneration of the active 

site (E) to start again the catalytic cycle. However, this mechanism does not consider any 

type of inactivation by oxygen excess or substrate inhibition, and only proposes the 

oxidation-reduction dynamic of the active site of the CHMO for product formation. The 

reaction mechanism proposed in this paper (Figure 1) takes into account the possible 
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formation of two inactive complexes, one involving the over-oxidation of the active site 

(O2EO2) and another that represents substrate inhibition (EO2SS). Product inhibition was 
not considered in the proposed reaction mechanism since the maximum product 

concentration, estimated from the specific rate of 0.11 g lactone g biomass
-1

 h
-1

 [9], and 
the substrate concentrations used in this study did not reach inhibition concentrations.  
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Figure 1. Reaction mechanism proposed for ketone bioconversion considering substrate inhibition and oxygen 

inactivation. 

 

 

The reaction mechanism, the stoichiometric coefficient (Σ) and the reaction rates for each 

elementary step in the catalytic cycle are presented in Table 1. The reaction mechanism 

follows the Langmuir-Hinshelwood-Hougen-Watson formalism [19], considering the 

following assumptions: 
 
 

 

a) Glycerol enters in the pentose phosphate pathway and citric acid cycle, generating a 
sufficient concentration of NADPH

2+
 to regenerate and hold constant the active 

site of the CHMO in the reduced form, FADPH
2+

 [20].  
b) The substrate is not consumed as an energy and carbon source. 
c) All the steps with the exception of product formation are considered reversible. 

 
d) The amount of CHMO in µg per gram of biomass (NT) was approximated using the 

specific rate obtained previously [9] and a kcat value of 6 s
-1

. This kcat value was also used 
as an initial value during the kinetic parameter estimation. 
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Table 1. Reaction mechanisms and reaction rates 
 

Intermediates reactions Σ Reaction rates 
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Fractions of the enzyme intermediary complex are described by the differential equations 

in Table 2. 

 

Table 2. Kinetic model for ketone bioconversion  
 

N T 
dθE = r5 − r1 dt  

 

N T 
dθEO2 = r1 − r2 − r3 

dt  
 

NT 

dθO
2
EO

2 = r2 
 

dt 
 

NT 

dθEO
2
SS

  = r4 
 

dt  

dθEO S
 

NT 2 = r3 − r4 − r5  
 

 

θ E 
+

 
θ

EO2 
+

 
θ

O2EO2 
+

 
θ

EO2SS 
+

 
θ

EO2S 
=

 
1 

 
 

 

3.2. Mathematical model in the bioreactor 
 

Mass transfer and the bioconversion mechanism were considered for the development of 
the mathematical model in the bioreactor. The following assumptions were made: 

 

 

a) The reaction system is isothermic and perfectly mixed, and the agitated tank 

bioreactor was batch operated. 
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b) Oxygen mass transfer (kLa) from the gas phase to aqueous phase was considered. 

The effective kLa that characterizes this mechanism was determined with 

independent experiments in an abiotic system. 
 

c) Intraparticle and interparticle mass transfer resistances were considered negligible 

because of the cell size (≈ 6μm) and insignificant shear stress between the cell and 

the aqueous phase, respectivelly. 
 

d) Due to the aeration rates used, there was no loss of substrate by evaporation. 
 

e) There was no cell shear damage due to stirring according to studies previously 
carried out on the same bioconversion system. 

 

 

Table 3 shows the differential equations describing the mathematical model in the 

bioreactor. The model involves both oxygen mass transfer and the bioconversion 

mechanism. The proposed mathematical model was solved by integrating a set of 

differential equations (ODEs) with the Runge Kutta Felberg method. 

 

Table 3. Mathematical model in the bioreactor for ketone bioconversion   
d[S] 

= −r3 − r4 
dt  

 

d[O2 
]
 = kLa([O2

* ] − [O2 ]) − r1 − r2 
 

dt  
 

d[P] 
= r5  

dt  
 
 

 

The model contains nine kinetic parameters, kj, which were estimated by the weighted 

least-squares of the residuals (RSS) between the calculated and experimental 

concentrations according to the following minimized weighted objective function 

(Equation 3): 
 

n
exp 

n
resp − yˆil )→ min (3)  

RSS (b) = ∑ ∑W jl ( yij  − yˆij )( yil 
 

   b1 ,b2 ,.., b p  
 

j l    
 

 
The responses used in the regression are the concentration of dissolved oxygen, lactone 

and ketone trough time. In Equation (3) yij denotes the calculated value and ŷij denotes the 

observed concentration in experiment j, bj is the kinetic parameter vector (ki) to be 

estimated, nexp is the number of independent experiments, nresp is the number of the 

model response variables and Wjl is the weighting factor that can be used to give greater 

 

 

61 



importance to some portion of the response variables. The kinetic parameters were estimated 

by a software program (ODRPACK 2.01) using multi-response non-linear regression and the 

Levenberg-Marquardt method with a 95% confidence interval. To determine the statistical 

significance of the parameters, the t-test was used, while the F test was used to obtain the 

regression significance. In this sense, statistical confidence in the development of the kinetic 

model will allow us to relate the kinetic parameters to the rate of formation of different 

intermediaries that induce inhibition and product formation in the catalytic cycle of the cell. 

 
 

4. RESULTS AND DISCUSSION 
 

 

In Section 4.1, the experimental results of oxygen mass transfer in the absence of 

bioconversion are presented. The mass transfer coefficients were determined at different 

agitation and aeration rates in the MMBR 100 bioreactor. The experimental results of ketone 

bioconversion are presented in section 4.2, and various case studies are discussed with and 

without substrate and oxygen inhibition. Finally, in section 4.3, the model of the bioreactor 

(described in Table 4), which considers oxygen mass transfer and the reactions that take place 

in the cell, was used to fit the experimental data estimating the corresponding kinetic 

parameter from the model presented in Tables 1-3. The estimation strategy of kinetic 

parameters is particularly discussed with the aim of obtaining phenomenological and statistical 

confidence in the kinetic model that will be used in a future study using a partitioning 

bioreactor technology. 

 
 

4.1. Oxygen mass transfer studies in the absence of bioconversion 
 

Mass transfer was studied in an abiotic system through the determination of oxygen mass 

transfer coefficients by the dynamic method under various operation conditions. The agitation 

rate had a greater effect than aeration rate on kLa. The kLa values achieved at high aeration and 

agitation rates (1950 rpm and 1.4 vvm) were between 220 to 290 h
-1

, while at low aeration and 

agitation rates (750 rpm and 0.71 vvm), the kLa values were between 20 to 32 h
-1

. These mass 

transfer coefficients were used for MMBR-100 bioreactor modeling under various reaction 

conditions. 
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4.2. Bioconversion of ketones in an aqueous-gas system 
 

The bioconversion experimental results obtained through the experimental design under various 

operation conditions in terms of agitation rates (750, 1350 and 1950 rpm), aeration rates (0.75, 1.0 and 

1.4 vvm) and substrate concentrations (0.35, 0.7 and 1 g L
-1

) are shown in Figure 2. One hundred 

percent ketone bioconversion was observed at 1 vvm and 1350 rpm (kLa = 180 h
-1

), with substrate 

concentrations less than 0.4 g L
-1

 (Figure 2a). However, when the aeration and agitation rates were 

increased to 1.4 vvm and 1950 rpm (kLa = 290 h
-1

) at substrate concentrations less than 0.4 g L
-1

, the 

bioconversion decreased to 42%. Figure 2b shows that at substrate concentrations greater than 0.4 g L
-1

, 

and at 1 vvm and 1350 rpm (kLa = 180 h
-1

), only 20% bioconversion was obtained. Once again, when 

the aeration and agitation rates were increased to 1.4 vvm and 1950 rpm (kLa 
 

= 290 h
-1

) at substrate concentrations over 0.4 g L
-1

, the bioconversion decreased to 17%. 

Statistical analysis using the Pareto box indicated that the substrate had the greatest effect on 

the ketone bioconversion. The second most important factor was the interaction between 

agitation and aeration rates, which relate the oxygen mass transfer from the gas phase to the 

aqueous phase. The decrease in the percentage of bioconversion when the substrate 

concentration was increased from 0.4 to 1 g L
-1

 was mainly due to substrate inhibition. For the 

same biocatalyzer, Doig et al. [21], working under various substrate concentrations (0.2 to 6 g 

L
-1

), observed that greater ketone bioconversion was achieved in the range of 0.2 to 0.4 g L
-1

 

in a 1.0 L flask with a volume of 20 mL at 250 rpm. Modification and control of the kLa value 

(180 to 290 h
-1

) could increase oxygen transfer from the gas phase to the aqueous phase by 

maintaining a constant concentration of dissolved oxygen; however, this mechanism causes 

oxidation in the biocatalyzer and a decrease in bioconversion. Bennet [6] reported that oxygen 

excess in the reaction medium caused oxidation of two peripheral serine residues to form 

sulfonic acid, causing a change and permanent inactivation of CHMO. These results were also 

observed by Opperman and Reetz [10] who designed a CHMO by identifying the surface 

amino acids susceptible to oxidation and folding back them inside the enzyme. The mutated 

enzyme retained 40%activity in H2O2 (0.2 M), while the wild-type enzyme lost all activity in 5 

mM H2O2. 
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Figure 2. Ketone bioconversion under various operating conditions of agitation and aeration rates, and substrate 

concentrations: 2a 0.4 g L
-1

; 2b. 0.7 g L
-1

; 2c. 1.0 g L
-1

. 

 

 

4.3. Mathematical model for ketone bioconversion 
 

The proposed kinetic model based on elementary reactions including substrate inhibition and 

oxygen inactivation was coupled to the bioreactor model that accounts for an oxygen transfer 

mechanism from the gas to the aqueous phase. The resulting model was fed with bioconversion 

experimental data and oxygen mass transfer coefficients obtained from abiotic experiments in order 

to estimate the kinetic parameters. 
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In order to obtain a global minimum, to reduce the statistical correlation between kinetic 

parameters to be estimated and, hence, to describe the intrinsic enzymatic behavior inside 

the cell under various reaction conditions, the estimation of kinetic parameters considered 

the following strategy: (a) kinetic parameter estimation for bioconversion without either 

substrate inhibition or oxygen inactivation were carried out. This allowed for obtaining 

reliable values of the parameters k1, k1’, k3, k3’ and k5 related to the reaction steps where 

there is no substrate inhibition or oxygen inactivation; (b) the kinetic parameters k2 and k2’ 

were estimated from the experimental data when oxygen inactivation was present, relating 

to the reaction step that considers oxygen inactivation; c) the kinetic parameters k4 and k4’ 

were estimated from the experimental data when substrate inhibition was present, relating 

to the reaction step that causes substrate inhibition; (d) finally, the proposed kinetic model 

was validated by predicting observations under reaction conditions in the presence of 

substrate inhibition and oxygen inactivation simultaneously. According to t-tests and F-

tests, the regression and parameters showed statistical significance within the 95% 

confidence interval. There was no statistical correlation between the parameters estimated 

according to the variance-covariance matrix. The kinetic parameters estimated by the 

model are shown in Table 4. 
 
 

 

Table 4. Estimated kinetic parameters 
 

Kinetic parameters Estimated value 

  

k1 1653.33 (Lg1s-1) 

k1’ 3.32 (s
-1

)  

k2 1.11x10
-1

 (Lg
-1

s
-1

) 

k2’ 7.85x10
-5

  (s
-1

) 

k3 83.43  (Lg
-1

s
-1

) 

k3’ 6.35 x10
-1

 (s
-1

) 

k4 

1.66 x10
-

1
 (Lg

-1
s
-1

) 

k4’ 1.79 x10
-4

 (s
-1

) 

K5’ (kcat) 56.66 (s
-1

) 

   

F 2200 

    
Ftab = 3.98 for 1 – α = 0.95 
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Table 5 shows the affinity and inhibition constants of the substrate and oxygen obtained 

from the kinetic parameters of the model (Table 4), expressed in μM for comparison with 

those reported experimentally by other authors for monooxygenases enzymes. Affinity and 

inhibition constants (Equation 4) were defined as the inverse of the equilibrium constants 

of the individual reactions: 

K = 
k j ' (4)     

   

k j 
 

where K is the constant of affinity or inhibition, and kj’ and kj are the dissociation and 

association kinetic parameters of the enzyme-substrate complex. 
 

Table 5. Affinity and inhibition constants obtained in this work and reported in the literature 
 

  
References 

  KMO2  KMS  KIO2  KIS  
 

    
(μM) 

 
(μM) 

 
(μM) 

 
(μM) 

 

        
 

             
 

  Trower et al. [22] 
a
   --  0.5  --  --  

 

  Branchaudl and Walsh [23] 
b

 -- 6 -- --  
 

  Sheng et al. [11] 
c
 -- 6.8 -- --  

 

  Torres-Pazmiño et al. [15]
e
 10 80 -- --  

 

  Buĉko et al. [8] 
d

 -- 1.4 -- 20.5  
 

  Shannon et al. [24]
f
 15-30 -- -- --  

 

  This work 62.72 70.47 22.30 9.98  
 

             
 

 
 

In the case study without substrate inhibition or oxygen inactivation, the operating conditions were 1350 rpm 

and 1.0 vvm (kLa = 180 h
-1

), with 0.35 g substrate L
-1

. The comparison between the experimental and 

calculated data obtained from the fit of the model versus bioconversion time is shown in Figure 3a. It was 

observed that the kinetic model adequately described the experimental data. The substrate was completely 

consumed in 70 minutes; assuming a substrate-product yield (YS/P) of 0.871 and 3.0 g biomass L
-1

, a specific 

rate of 0.11 g lactone g biomass
-1

 h
-1

 was obtained. This value is lower but on the same order of magnitude 

than values previously reported for the same strain; Melgarejo-Torres et al. [9] observed a specific rate of 

0.45 g lactone g biomass
-1

 h
-1

 at 1.0 g biomass L
-1

 and 0.5 g ketone L
-1

. Also, Baldwin and Woodley [5] 

observed a specific rate of 0.65 g lactone g biomass
-1

 h
-1

 at 2.0 g biomass L
-1

 and 0.5 g ketone L
-1

. The 

concentration profiles of the estimated intermediates present inside the cell during the bioconversion versus 

bioconversion time are shown in Figure 3b. CHMO oxidation occurs in the first few minutes, generating the 

[EO2] complex that is 
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essential in the formation of the [EO2S] complex which generates the product [P]. Analyzing the 

affinity and kinetic parameters estimated for this case study, in the first reversible reaction, it was 

observed that k1’ was smaller than k1, favoring the reaction equilibrium toward the formation of the 

[EO2] complex. With these kinetic parameters, an oxygen affinity constant (KMO2) value of 62.72 µM 

was obtained (Table 5), which is on the same order of magnitude as the values reported by Shannon et 

al. [24] and Torres-Pazmiño et al. [15], i.e. 15-30 and 10 µM, respectively. In the second reversible 

reaction, k3’ was smaller than k3, favoring the reaction equilibrium toward the formation of the [EO2S] 

complex. With these kinetic parameters, an oxygen affinity constant (KMS) value of 70.47 µM was 

obtained (Table 5), which is reasonably similar to that reported by Torres-Pazmiño et al. [15] (Table 5). 

In the last reaction, the k5 parameter was 56.66 s
-1

 (Table 4), which is the reaction rate constant (kcat) 

for product [P] formation. Kamerbeek et al. [25] reported kcat values of 14 and 3.7 s
-1

 for a wild type 

CHMO (E. coli TOP10 pQR230) and its mutant, respectively. 
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Figure 3. Case study without substrate inhibition or oxygen inactivation. The operating conditions were 1350 rpm, 

1 vvm (kLa = 180 h
-1

) and 0.35 g substrate L
-1

. 3a. Substrate, product and dissolved oxygen concentrations of the 

experimental data and calculated values versus bioconversion time. 3b. Reaction mechanism and estimated 

intermediary complex fractions during the bioconversion. 
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In the case study where oxygen inactivation was present since oxygen mass transfer in the reaction 

medium was increased, the operation conditions were 1950 rpm and 1.4 vvm (kLa = 290 h
-1

), and 0.35 g 

substrate L
-1

. The comparison between the experimental and calculated data versus bioconversion time 

is shown in Figure 4a. It was observed that the model was able to predict the decrease in lactone 

production due to CHMO oxidation. The relevant kinetic parameters estimated for this case study were 

k2 and k2’. It was observed that k2 >>> 
 

k2’ by four orders of magnitude; this high k2 value indicates that the CHMO oxidation reaction 

was virtually irreversible and coincides with that reported by Bennet [6], who mentioned that 

oxidation causes permanent enzyme inactivation. With these kinetic parameters, an oxygen 

inactivation constant (KIO2) value of 22.3 µM was obtained (Table 5). There are no reports of 

the oxygen inactivation constant in the literature. Under these operational conditions, the 

percentage of experimental bioconversion was 42%. The concentration profiles of the 

estimated intermediates present inside the cell during the bioconversion versus bioconversion 

time are presented in Figure 4b. It was observed that the formation of the first [EO2] complex 

was decreased, rapidly forming the [O2EO2] and [EO2S] complexes, oxygen inactivation 

complex and a complex essential for the formation of the product [P], respectively. The linear 

trend in [O2EO2] complex formation in relation to CHMO oxidation shows that exposure to 

these conditions will cause total enzyme inactivation. 
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Figure 4. Case study with oxygen inactivation. The operating conditions were 1950 rpm and 1.4 vvm (kLa = 
 

290 h
-1

) and 0.35 g substrate L
-1

. 4a. Substrate, product and dissolved oxygen concentrations of the 

experimental data and calculated values versus bioconversion time. 4b. Reaction mechanism and estimated 

intermediary complex fractions during the bioconversion. 

 

 

For the case study where substrate inhibition was present due to a greater substrate concentration in the 

reaction medium, the operation conditions were 1350 rpm and 1.0 vvm (kLa = 180 h
-1

), and 0.70 g of 

substrate L
-1

. The comparison between the experimental and calculated data obtained from the fit of the 

model versus bioconversion time is shown in Figure 5a. Under these operational conditions, the experimental 

bioconversion was 20%. It was observed that the model was also able to predict the decrease in lactone 

production due to substrate inhibition. The relevant kinetic parameters estimated for this case study were k4 

and k4’. With these kinetic parameters, a substrate inhibition constant (KIS) value of 9.98 µM was obtained 

(Table 5), which is half of that reported by Buĉko et al. [8] (Table 5). It was found that k4 was three orders of 

magnitude greater than k4’; this means that for substrate concentrations above 0.4 g L
-1

, the global reaction 

will tend to form more of the substrate inhibitory [EO2SS] complex than the product [P]. k4’ is the kinetic 

dissociation constant of the reversible reaction of substrate inhibitory complex [EO2SS] formation. It is 

known that a reduction in the substrate concentration 
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can reverse inhibition since the enzyme remains active, as most substrates do not bind to enzymes 

by covalent binding [20]. Figure 5b shows the estimated concentrations of the [EO2] complex, 

which disappeared to form the [EO2S] complex; this was transformed into the substrate inhibition 

[EO2SS] complex, leading to reduced product [P] formation. 
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Figure 5. Case study with substrate inhibition. The operating conditions were 1350 rpm and 1.0 vvm (kLa = 

180 h
-1

) and 0.70 g substrate L
-1

. 5a. Substrate, product and dissolved oxygen concentrations of the 

experimental data and calculated values versus bioconversion time. 5b. Reaction mechanism and estimated 

intermediary complex concentrations during the bioconversion. 

 

 

Finally, the model was validated for the case study with both substrate inhibition and oxygen 

inactivation; the operating conditions were 1950 rpm and 1.4 vvm (kLa = 290 h
-1

), and 0.7 g L
-1

 of 

substrate. The comparison between the experimental and calculated data versus bioconversion time is 

shown in Figure 6a. Bioconversion performance under substrate inhibition and oxygen inactivation 

operational conditions was calculated by the model using the estimated kinetic constant obtained for the 

other case studies. Under these operational conditions, the percentage of experimental bioconversion 

was 17%. The low bioconversion percentage may be explained analyzing the estimated kinetic 

parameters values of complex 
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formation. The estimated intermediary complexes are shown in Figure 6b; k4 was two 

orders of magnitude greater than k2, which indicates that the formation rate of the [EO2SS] 

complex by substrate inhibition was higher than that of the [O2EO2] complex by oxygen 

inactivation. It was observed that the [EO2] complex disappeared to form the inhibition 

[EO2SS] and inactivation [O2EO2] complexes, while the rest was transformed into the 

product [P]. 
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Figure 6. Case study with both substrate inhibition and oxygen inactivation. The operating conditions were 1950 

rpm and 1.4 vvm (kLa = 290 h
-1

) and 0.70 g substrate L
-1

. 6a. Substrate, product and dissolved oxygen 

concentrations of the experimental data and calculated values versus bioconversion time. 6b. Reaction mechanism 

and estimated intermediary complex fractions during the bioconversion. 

 

 

5. CONCLUSIONS 
 

A non-reported pseudo intrinsic kinetic model based on elementary reactions accounting for 

substrate inhibition and oxygen inactivation for bicyclic ketone bioconversion was developed. The 

kinetic model, coupled to the reactor model taking into account interfacial oxygen mass transport, 

adequately fitted observations and was validated in predictive mode describing observations that 

were not used in the parameter estimation. The regression and these estimated parameters were 

statistically 
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significant, making their analysis reliable regarding the kinetic behavior of CHMO, 

particularly allowing identify/understand the kinetic role of each substrate, intermediate 

and reaction product on the CHMO enzyme. Oxygen and substrate presented similar 

affinity to form the CHMO enzyme complex. Nevertheless, the CHMO enzyme was twice 

more sensitive to inhibition by an excess of substrate than oxygen. There are no reports of 

the oxygen inactivation constant in the literature. In further studies, this kinetic model will 

be essential to a successful design and scale-up of a partitioning bioreactor using this 

CHMO enzyme expressed in whole cells of Escherichia coli TOP10 pQR239. 
 
 
 
 

 

6. NOMENCLATURE  

CHMO Cyclohexanone monooxygenase 

NT Enzyme total concentration (µg g
-1

 of biomass) 

θE Free enzyme fraction 

θEO2 Enzyme-oxygen complex fraction 

θEO2S Enzyme-oxygen-substrate complex fraction 

θEO2SS Substrate inhibition complex fraction 

θO2EO2 Oxygen inactivation complex fraction 

[P] Product concentration (g L
-1

) 

[O2] Oxygen concentration (g L
-1

) 

[S] Substrate concentration (g L
-1

) 

rn Reaction rate of each enzymatic complex (g L
-1

 h
-1

) 

kj Kinetic constant of the reaction (s
-1

) 

kLa Oxygen mass transfer coefficient (h
-1

) 

K Affinity  or  inhibition  constant  of  substrate  and/or 

 oxygen (g L
-1

) 
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ABSTRACT 
 
 
 
 
 

The aim of this work was to carry out a regime analysis on a three-phase (air-water-ionic liquid) stirred tank bioreactor of 

the Baeyer-Villiger bioconversion process, using [OMA][BTA] ionic liquid as the dispersed phase. The regime analysis 

based on characteristic times of the different mechanisms involved ( mass transfer, kinetic and deactivation of the cell 

mechanisms) can yield a quantitative estimate of bioreactor performance. The characteristic time obtained for oxygen 

uptake rate (54 s
-1

) was among the characteristic times determined for oxygen transfer (13-327 s
-1

) to different operating 

conditions, suggesting that the oxygen transfer rate to higher or lower operating conditions there are mass transfer 

problems due to excess or deficency of substrates, respectively and on the other hand the cells suffer a loss of cell 

viability by the toxicity properties of the ionic liquid. The best performance of the bioconversion was 70% reached maybe 

due the CHMO enzyme had a natural dtoactivation by the oxygen and the loss of cell viability. 

 
 
 
 
 
 
 
 
 

 

Keywords: Regime Analysis, Multiphase bioreactor, ionic liquid, bioconversion, mass transfer, oxygen 

transfer, deactivation of the cell. 
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1. AIM 
 

The aim of this chapter is to identify the limiting step in the ketone bioconversion in a 

three phase partitioning bioreactor process using a regime analysis through the use of 

characteristic times of the main transport, kinetic and deactivation mechanisms ocurring in 

the aforementioned bioreactor. 

 
 

2. INTRODUCTION 
 

 

Regime analysis, combined with small-scale experiments, is a powerful tool to identify the limiting 

step of a process and for the development of scale-down or scale-up strategies. Regime analysis 

can also be based on the characteristic times of the different mechanisms involved (mixing, mass 

transfer, reaction), which can provide a quantitative estimate of bioreactor performance [1,2]. 

Characteristic times have been defined as the ratio of capacity to flow. In other words, a low 

characteristic time implies a faster mechanism; while a high value indicates a slower mechanism. 

Thus, characteristic times can also be used to determine if there is a single rate-limiting mechanism 

(pure regime), or whether more than one mechanism (mixed regime) are limiting the studied 

process [3]. 

 

2.1 Characteristic time definition 
 

The characteristic time, τ, expresses the ratio beetwen the system capacity for transport (mass, 

energy, momentum) to the exchange rate or the system capacitance (1): 
 

τ = 
Capacity 

(1)   
  

Capacitance 
 

 

3. METHOLOGY 
 

The regime analysis was conducted accounting for six mechanisms: loss of cell viability 

due to ionic liquid fraction; substrate and oxygen specific rates; substrate, product and 

oxygen mass transfer. Then, their characteristic times were calculated to identify the 

limiting step of the bioconversion. 

 
 

3.1. Loss of cell viability 
 

The loss of cell viability is considered as an important mechanism ocurring in the 

bioconversion process (Chapter I). The characteristic time of the loss of cell viability rate 

can be expressed according to eq. (1) as follows: 
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 1 

(2) 
 

τlcv  = − 
 

 

k
in 

 

  
 

3.2. Substrate and oxygen consumption specific rate 
 

The substrate consumption specific rate, kcatS, was calculated during the first 15 minutes of the 

bioconversion using 3 g L
-1

 of biomass assuming a substrate-product yield (YS/P) of 0.871. 

The operating conditions were 1350 rpm, 1.0 vvm, 0.7 g L
-1

 of initial substrate concentration 

in the bioreactor, and 5% of ionic fraction. The oxygen consumption specific rate, kcatO2, was 

obtained according to Melgarejo-Torres et al., [3]. The caracteristic times for substrate and 

oxygen consumption specific rate were obtained according to eq. (1) and defined as, 

respectively: 

τ
catS = 

 [S0 ]  
(3) 

 

Xk
catS

Y
S  

   
 

     P  
 

τ
catO2 = 

 [O2 ]   
(4) 

 

 Xk
catO2 

 

    
 

3.3. Susbtrate, product and oxygen mass transfer mechanisms  
  

 

For the determination of characteristics times for susbtrate, product and oxygen mass 

transfer mechanisms, the same methology reported by Melgarejo-Torres et al., [3] was 

used. The characteristic times for susbtrate, product and oxygen mass transfer mechanisms 

are given, in that order, as follows: 

 1 
(5) 

 

τS  = 
 

 

kS A 
 

  
 

 

  1   
 

τP =    (6)      

  kP A 
 

  1   
 

τ
O2 

=
  

 

(7) 
 

 
 

   kLa 
 

 

 

4. RESULTS 
 

 

4.1. Loss of cell viability 
 

Figure l shows the dimensionless cell viability as a function of time at 5% of ionic liquid fraction. 

The cell viability decreases from the first minutes until the experiment ends. The fitting of the 

experimental data allowed to estimate an inihibiton constant kin , whose value was of 0.24 h
-1

 . 

Thus, kin was used for determining the corresponding charateristic time. 
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Figure 1. Fitted values ( ) against experimental data (○) of dimensionless cell viability using 5% of ionic liquid fraction. 

 

 

4.2. Substrate and oxygen consumption specific rates 
 

The maximum productivity for the bioconversion of ketones was obtained at 1350 rpm, 1.0 vvm, 0.7 g 

L
-1

 of initial substrate concentration and 5% of ionic liquid fraction in the bioreactor. At these operation 

conditions, a substrate consumption specific rate, kcatS, of 0.43 g lactone.g biomass
−1

 h
−
1 was 

determined. The kcatS obtained was similar to that reported by Melgarejo-Torres et al., [3], i.e. 0.45 g 

lactone.g biomass
−1

 h
−1

. For oxygen consumption specific rate, the value of kcatO2 was 0.166 g O2.g 

biomass
−1

 h
−1

. Figure 2 shows the bioconversion as a function of time, at the end of the experiments the 

total bioconversion reached ca. 70 %. 
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Figure 2. Kinetics of the bioconversion of ketones (◊) to lactones (●) in a three phase system using 

OMA[BTA]. Operation conditions were 1350 rpm, 1.0 vvm, 0.7 g L
-1

 of initial substrate concentration in the 

bioreactor and 5% of ionic liquid fraction. 
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4.4. Susbtrate, product and oxygen mass transfer coefficients 
 

The ranges obtained for substrate and product mass transfer coefficients, kSA and kPA 

were 7.5–36 and 2.8–12 h
-1

, respectively. Whereas the maximum kLa value obtained in the 

three-phase system was 260±15 h
-1

, while the minimum value was 11 h
-1

. For more details 

see Chapter VII. 
 

4.5. Regime Analysis 
 

Characteristic times determined using information related to substrate, product and oxygen mass transfer 

mechanisms were reported at two levels. The highest values of characteristic times for mass transfer 

mechanisms were obtained at low agitation (750 rpm) and aeration (0.7 vvm) rates with 20% dispersed 

phase, while the lowest values were determined at high agitation (1950 rpm) and aeration (1.4 vvm) 

rates with 5% dispersed phase. Characteristic time for oxygen consumption specific rate (54 s) was 

found to be inside of the characteristic times for oxygen mass transfer (12-327 s), suggesting that the 

oxygen transfer rate under certain operating conditions could be a limiting step in this bioconversion 

process. Nevertheless, Bennett [5] mentioned that the excess of dissolved oxygen in the bioreactor 

produced enzyme inactivation due to the oxidation of two serines modifying permanently the enzyme 

structure. Law et al. [6] demonstrated that the limiting factors for Baeyer-Villiger monooxygenase 

catalysed synthesis of optically pure lactones in a single phase (aqueous phase) were product inhibition 

and natural deactivation of the biocatalysts. On the other hand, it has been reported that the addition of a 

second liquid phase in a partitioning bioreactor can be a useful tool to reduce product inhibition due to 

the presence of a partition coefficient favourable to the second liquid phase [7]. Product inhibition was 

not considered in this study, due to product inhibition concentration (4 g product L
-1

) was not reached. 

Characteristics time interval for substrate mass transfer was 163–480 s, while the characteristic time for 

substrate consumption specific rate was 4,597 s, that means that the substrate mass transfer from 

dispersed phase to aqueous phase is faster than the substrate consumption rate. Melgarejo et al [3] 

reported a regime analysis in a TPPB using the IL [MeBuPyr][BTA] and they mentioned that the 

limiting step was oxygen mass transfer rate. The same research group [8] established the bioreactor 

operational conditions obtaining optimal oxygen transfer rates to avoid oxygen inactivation of the 

enzyme. These operational conditions were used in this regime analysis and the characteristic times of 

the mechanisms studied shown that in the first minutes of the bioconversion the main mechanisms that 

could be a limiting step was oxygen mass transfer rate (depending of the operating conditions). At these 

conditions a bioconversion of ca. 70% 
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was reached. Probably all substrate was not consumed by the cell due to the CHMO had a 

natural deactivation by both oxygen and the cells suffers a loss of cell viability by the 

toxicity properties of the ionic liquid. Table 1 shows the values of the characteristic times 

of all mechanisms studied and how they were defined. 
 

Table 1. Characteristic times in a three-phase stirred tank bioreactor  
 

Mechanism Definition Value (s) 
 

 

Substrate transfer 
 

τS  = 
1    

163 – 480 * 
 

 

     

  

 

  

kS A 
 

 

        
 

          
  

 
Product transfer 

 
τP 

 1      
300 – 1285 * 

 
 

  

=  
       

  

 

  

kP A 
   

 

              
 

 
Oxygen transfer 

 
τO 

  1      
13 – 327 * 

 
 

    

=         

 

 

  
2   kLa     

 

               

 
Oxygen consumption 

 τ
catO2 = 

   [O2 ]    
54 

 
 

   Xk
catO2 

  
 

           
 

 
Substrate consumption 

 τ
catS  

=
 
     [S0 ]   

4,597 
 

 

   Xk
catS

Y
S 

  
 

        

         
 

            P  
 

 

Loss of cell viability 

 τ
lcv 

1      

6,840 

 
 

  

= 
    

 

 
 

   k
in 

    
 

                
   

The higher values were determined at low agitation (750 rpm) and aeration (0.7 vvm) rates using 20% of 

dispersed phase, while the lower values were determined at high agitation (1,950 rpm) and aeration (1.4 

vvm) rates using 5% dispersed phase. 

 

 

5. CONCLUSIONS 
 

The regime analysis of a three-phase (air-water-ionic liquid) stirred tank bioreactor 

developed in this work for a Baeyer-Villiger monooxygenase catalysed synthesis allowed 

through characteristic times the determination of the main mechanism limiting the 

bioconversion. The results obtained suggest that in higher or lower operating conditions 

there are mass transfer problems due to excess or deficency of substrates, respectively, and 

to a lesser extent to the loss of cell viability; but in specific conditions the best 

bioconversion was ca. 70%. Regime analysis promises to be an important tool to identify 

the operating conditions where there are limiting transport or kinetic steps in the design, 

scale up and operation of a TPPB. 

 

 

6. NOMENCLATURE 
 

Initial substrate concentration in the bioreactor (g L
-1

) 
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 [S0 ] 



[O2] Dissolved oxygen in the bioreactor (g L
-1

) 

kin Inhibition constant due to ionic liquid phase (h
-1

) 

kcatS Substrate consumption specific rate (h
-1

) 

kcatO2 Oxygen consumption specific rate (h
-1

) 
 

N Colony-forming unit at anytime (CFU) 
 

No Initial colony-forming unit (CFU) 

kLa Volumetric oxygen transfer coefficient in the bioreactor (h
-1

) 

kPA Product volumetric mass transfer coefficient in the bioreactor (h
-1

) 

kSA Substrate volumetric mass transfer coefficient in the bioreactor (h
-1

) 
 

t Time 
 

τS Substrate mass transfer characteristic time (s) 
 

τP Product mass transfer characteristic time (s) 
 

τO 2 Oxygen mass transfer characteristic time (s) 

 

τ kcatO 2 Oxygen consumption specific rate characteristic time (s) 
 

τcatS Substrate consumption specific rate characteristic time (s) 
 

τlcv Loss of cell viability characterist time (s) 
 

X Biomass concentration (g L
-1

) 
 

YS Substrate-product yield (g g
-1

) 
 P  
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ABSTRACT 
 

In this study we developed a pseudo heterogeneous mathematical model for the oxidation of Bicyclic ketone 

bicyclo[3.2.0]hept-2-to-6-one to bicyclic lactone (1S,5R)-(-)-2-oxabiciclo[3.3.0]oct-6-en-3-ona using whole cells 

of E. coli strain TOP10 pQR239 in a three-phase partitioning bioreactor (TPPB). The pseudo heterogeneous TPPB 

model accounted for mass transfer mechanisms occurring in the air-water and water-ionic liquid phases along with 

bioconversion and loss of cell viability caused by ionic liquid - trioctylmethylammonium 

bis(trifluoromethylsulfonyl)imide ([OMA][BTA]). The development of the model was based on reactor 

engineering principles and, hence, experiments with and without bioconversion were carried out in order to 

characterize thermodynamic (Kps and Kpp), transport (ks, kp and A) and kinetic (ki and ki’) parameters along with 

the loss of cell viability (kin) parameter for the mechanisms involved. The model described adequately the 

bioconversion of experimental data with two different ionic liquid fractions, namely 5% (v/v) and 12.5% (v/v). A 

parametric sensitivity analysis of the model was conducted to obtain information on the effect of oxygen transport 

rate on bioconversion. The development of the TPPB model led to the following findings: (i) 5% (v/v) ionic liquid 

fraction caused less cell deactivation; (ii) presence of ionic liquid decreased the oxygen transport rate; and (3) a 

higher oxygen transport rate lead to a higher bioconversion but also cell inactivation. 

 

Key words: ketone conversion; partitioning bioreactor; mass transfer; cell viability; mathematical modeling. 
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1. INTRODUCTION 
 

The Baeyer–Villiger (BV) oxidation reaction, including the conversion of cyclic ketones into their 

corresponding lactones, was observed more than 100 years ago [1]. Enzymatic BV oxidation has been 

efficiently applied to synthetic organic chemistry since there are many enzymes that are being exploited 

in the last decade [2]. Particularly, in the BV oxidation reaction, cyclohexanone monooxygenase 

(CHMO) from Acinetobacter calcoaceticus NCIMB 9871 is one of the best-known enzymes [3]. In the 

last decade, an increase of the rate of oxidation of cyclic ketones has been obtained when the CHMO 

gene is cloned into an expression vector to give the biocatalyst strain E. coli TOP10 (pQR239) 
 

[4]. Nevertheless, substrate/product inhibition was identified for this conversion with the 

whole cell-mediated conversion using bicyclo[3.2.0]hept-2-en-6-one [5]; particularly, the 

reaction is inhibited by ketone concentrations above 0.4 g/L and by combined 

regioisomeric lactones with concentrations above 3.5 g/L. 

 
 

A number of solutions have been recommended to decrease the substrate/product 

inhibition; for instance: the proposal of adsorbent resins [6]; in situ supply of the substrate 

and removal of lactone product, maintaining both substrate and product at sub-inhibitory 

levels in the environment of the biocatalyst [7]; and encapsulaion of biocatalyst to prevent 

CHMO oxidation [8]. However, one of the main limitations of these strategies is the 

difficulty in controlling mass transfer of substrate, product and oxygen that directly 

impacts on the productivity and the cost-benefit ratio. 

 
 

The conversion of ketones using whole cells using a pseudo three-phase (air-water-ionic 

liquid) partitioning bioreactor (TPPB) seems a promising proposal since this technology leads 

to an increment on consumption rates [9] avoiding substrate/product inhibition and, mainly, 

giving a better control of the mass transfer phenomena [10]. 
 

In a previous work from our research group, the use of a TPPB maintaining the biocatalyst in the 

aqueous phase and using ionic liquid (IL) as immiscible phase for substrate reservoir and in situ product 

removal was attempted [11]. Specifically, a regime analysis for the oxidation of bicyclic ketone 

bicyclo[3.2.0]hept-2-to-6-one to bicyclic lactone (1S,5R)-(-)-2-oxabiciclo[3.3.0]oct-6-en-3-ona using 

whole cells based on E. coli strain TOP10 
 

pQR239, using trioctylmethylammonium bis(trifluoromethylsulfonyl)imide ([OMA][BTA]) as IL, 

allowed to observe an increment on consumption rates avoiding substrate/product inhibition. From 

this end, since the establishment of design, scale up or 
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scale down, optimization and operational guidelines ensuring optimal conversions require the 

understanding of process performance [12], modeling of this TPPB accounting for the interaction 

between mass transport phenomena and kinetics along with loss of cell viability is mandatory. To 

date there are few studies [13] explaining through mathematical modeling the complex interaction 

between mass transport phenomena along with kinetics and loss of cell viability in a TPPB 

considering the inclusion of a heavy organic solvent in the system. For example, Mahanty et al. 

[14] proposed a kinetic model for degradation of pyrene in a partitioning bioreactor; however, they 

did not account for the mass transfer mechanisms involved in. Bordel et al. [12] modeled gas-liquid 

VOC transport in a partitioning bioreactor and described adequately the mass transport 

mechanisms but kinetic modeling was not considered. For treating polluted air streams in a 

continuous stirred tank bioreactor, Mohammad [15] described the simulation trends of the model 

but failed to compare with experimental data. 
 

The aim of this study was to develop a pseudo heterogeneous mathematical model for 

bioconversion of bicyclic ketone bicyclo[3.2.0]hept-2-to-6-one to bicyclic lactone (1S,5R)-(-)-

2-oxabiciclo[3.3.0]oct-6-en-3-ona using whole cells based on E. coli strain TOP10 pQR239 in 

a TPPB using 5% and 12.5% (v/v) of IL fraction ([OMA][BTA]). The model was based on 

independent studies in abiotic bioconversion and loss of cell viability conditions, which in turn 

were used to determine the mass transport, kinetic and deactivation parameters respectively, 

that characterize the corresponding phenomenon involved in the TPPB. Finally, the developed 

pseudo heterogeneous TPPB model was used to carry out a parametric sensitivity study with a 

goal to observe the effect of oxygen transport rate on bioconversion. 

 
 

2. MATERIALS AND METHODS 
 

2.1. Chemicals 
 

The ionic liquid used as a dispersed phase in this study was OMA[BTA] purchased from 

Solvent Innovation GmbH (Köln, Germany). Bicyclic ketone bicyclo[3.2.0]hept-2-to-6-

one (≥98%) and bicyclic lactone (1S,5R)-(-)-2-oxabiciclo[3.3.0]oct-6-en-3-ona (≥99%) 

(Fluka, Switzerland) were used as substrate and product standards, respectively. For the 

culture medium tryptone, yeast extract, NaCl and glycerol were purchased from Sigma 

Aldrich (EUA). 
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2.2. Microorganism 
 

The E. coli strain TOP10 pQR239 was kindly provided by Professor John M. Ward (UCL, UK) for 

research and academic purposes, and is referred to hereafter simply as E. coli. To prepare inoculum 

for conversion experiments, E. coli cells were cultured in Erlenmeyer flasks of 250 mL containing 

70 mL of a complex media (in g L
-1

): tryptone 10.0, yeast extract 10, NaCl 10.0, in phosphate 

buffer 50 mM pH 7.0, supplemented with 10 gL
-1

 glycerol. Culture media was sterilized in an 

autoclave at 120 °C for 15 min and supplemented with 100 mg L
-1

 ampicillin (previously filter 

sterilized using a 0.25 μm filter). Erlenmeyer flasks were incubated at 150 rpm for 16 h at 37 ºC. 

After a 16 h growth period, cyclohexanone monooxygenase (CHMO) expression was induced by 

adding the necessary amount of arabinose solution (100 gL
-1

) to reach a final concentration of 2 

gL
-1

. After 3 h of induction, cells were harvested by centrifugation at 5000 rpm for 10 min. 

2.3. Stirred tank bioreactor 
 

A module with two glass 100 mL stirred tank min-bioreactors (MMBR100, UAM-I, 

Mexico) was used as TPPB. The jacketed mini-bioreactors were provided with an internal 

diameter of 4.75 cm and an operating volume of 70 mL (HL/DT = 0.87). The bioreactors 

were fitted with a single, six flat blade Rushton turbine, Di = 1.9 cm (Di/DT = 0.40), 

located 1.9 cm from the flat base of the vessel, and were equipped with four equidistant 

baffles, 0.5 cm width. 

2.4. Overall volumetric oxygen mass transfer coefficient kLa 
 

Optical fiber for Dissolved Oxygen (DO), mini sensors (PreSens, GmbH Germany) were used 

for kLa determination. The DO sensors were coupled to a 4-Channel Oxygen Meter OXY- 4 

mini (PreSens, GmbH Germany). A central composite experimental design with three 

independent factors (aeration, agitation and ionic fraction) each with three levels of operating 

conditions (0.7, 1.0 and 1.4 vvm; 750, 1350 and 1950 rpm; 0%, 5, 12.5 and 20 % ionic 

fraction) was used in the study. Overall oxygen mass transfer coefficients, kLa, were calculated 

according to dynamic method and the correlation proposed by Fuchs et al. [16] which takes 

into account the electrode response time and the dimensionless DO concentration in the 

bioreactor: 

YP  = KP ⋅ e−kL at − kL a ⋅ e− K P t 
 

KP − kL a 
 

where YP is the dimensionless DO concentration in the bioreactor defined as:  

YP = 
[O

2 *] − [O2 ] 
 

[O2 *] − [O2 0 ] 

 
 

(1) 
 
 
 

 

(2) 
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where [O2*] is the saturated oxygen concentration (7.2 mg L
-1

, which was determined 
with the OXY-4 module software using the atmospheric pressure of Mexico City, 1016.9 

hPa), [O2] is the dissolved oxygen concentration, [O20] is the initial dissolved oxygen 

concentration the bioreactor. KP is the electrode constant defined as the inverse of the 

response time, kLa is the overall volumetric oxygen mass transfer coefficient, and t is the 
time required for the sensor to reach the saturated oxygen concentration. Curve fitting is 

performed using a non-linear regression Levenberg-Marquardt algorithm in Polymath
TM

. 
 

2.5. Bioconversion of ketones 
 

Two sets of experiments were carried out during bioconversion of ketones in TPPB. Both 

set of experiments considered the following conditions in the bioreactor: 50 mL aqueous 

phase (50 mM of phosphate buffers, pH 7); before starting the bioconversion, the 

bioreactor was saturated with substrate and oxygen; 3 gL
-1

 of biomass was then re-

suspended in 20 mL of 50 mM of phosphate buffers for starting the conversion; the 

bioconversions took place at 30 °C and pH 7; and the initial substrate concentration in the 

bioreactor was 0.7 gL
-1

, being 0.35 gL
-1

 in aqueous phase because of the partitioning 

coefficients of OMA[BTA] (see section 2.7). In the first set, 5% (v/v) of IL fraction was 

added at 1350 rpm and 1.4 vvm, while in the second set, 12.5% (v/v) of IL fraction was 

added at 1950 rpm and 1 vvm. During experiments, samples of 500 μL were taken every 3 

minutes during the first 15 minutes and then every hour for 4 hours. The samples were then 

quickly frozen to stop the reaction. The substrate and product were quantified by gas 

chromatography. 
 
 

 

2.6 Analysis 
 

Gas Chromatography (GC) was used to quantify the concentrations of bicycle[3.2.0]hept-

2-en-6-one and the corresponding regioisomeric lactones. Samples (1 μL) were injected 

into an X|L gas chromatograph (Perkin Elmer, Norwalk, CT) fitted with a CYCLOSILB 

113-6632 capillary column (30 m x 530 μm) (J&W Scientific), and concentrations were 

determined using an external calibration curve. The GC injector temperature was set at 250 

⁰C. The GC temperature program used was as follows: the initial oven temperature was 

100 ⁰C, held for 1 min and followed by a temperature increase at 10 °C (min
-1

) up to 150 

°C, which was then held for 3 min. Retention times were 3.7 min and 3.95 min for the 
 

substrate (mixture of ketone isomers) and 8.5 min for the product. 
 

2.7. Parameter related to loss of cell viability 
 

The loss of E. coli viability due to IL was evaluated in an Erlenmeyer flask. E. coli was inoculated in 20 
mL of 50 mM phosphate solution at 7 pH, 3 gL

-1
 biomass and the IL 
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fraction evaluated were 5 and 12.5 %. Samples of 500 µL were taken each hour (0-4 h) 

before the incubation. These samples were diluted (10
-1

 to 10
-6

), and 0.1 mL of each 
dilution was used to inoculate Petri dishes containing 10 mL of nutritive agar, which was 
incubated for 24 h at 30 ˚C. E. coli viability was calculated on the basis of viable cell 

counts by considering colony-forming units (CFU mL
-1

) (Coult-counter, Quebec, Canada). 

The experiments were carried out in triplicate and were used to determine the parameter kin 
in Eq. 21 accounting for the loss of cell viability due to the presence of IL. 

 

2.8. Substrate and product partitioning coefficients 
 

The partitioning coefficients were determined using known concentrations of substrate and 

product with a total volume of 7 mL in a Corning tube of 15 mL capacity (with same 

volumes of the aqueous phase and ionic liquid) at temperature and pressure used during 

bioconversion experiments. The tubes were agitated every 6 hours for 5 min and 300 μL 

samples of the aqueous phase were taken for a period of 24 hours. The samples were 

centrifuged at 5000 rpm for 10 min and the aqueous phase was analyzed by GC. 
 

2.9. Sauter mean diameter (d32) 
 

Optical Reflectance Measurement (ORM) techniques are able to show the change in drop 

size distribution for various power inputs, although they are not able to measure the exact 

size of the drops. Nevertheless, they are successfully used in control of processes [17,18]. 

In this study, the Sauter mean drop diameter (d32) was measured using a 3D ORM particle 

size analyser (Messtechnik Schwartz, Germany). 2000 drop diameter (d1) determinations 

were performed automatically for each measurement, enabling calculation of the Sauter 

mean diameter (d32) according to: 

 

d32 = 
∑d1

3
n1 

(3) 
 

   

2 

n1 

 

 ∑d
1  

  
IL drop diameter distribution was obtained in situ and on-line during all the experiments. 

Because the ORM measures drop sizes using laser beam reflectance, and the fact that gas 

bubbles do not have reflective properties, it was assumed that gas bubbles do not interfere 

with liquid drop size measurements. No evidence of such interference was observed in any 

of the initial size distributions and therefore ORM drop diameter measurements were 

recorded directly from TPPB. Measurements were recorded at least 15 min after mixing 

was initiated in order to ensure that equilibrium in drop diameter distribution was 

established. The interfacial area available for substrate and product mass transfer (A) is 

given by: 
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A = 6ϕ (4)  
  

d 32
 

 

where φ is the volume fraction of the dispersed phase. The interfacial area is obtained using a 

Lewis cell [19] to estimate the mass transfer coefficients (kS and kP) and, hence, their overall mass 

transfer coefficients (kSA and kPA) for substrate and product respectively. Even though interfacial 

mass transfer coefficients for substrate and product, kS and kP, respectively, are not reliable 

because of the hydrodynamic differences between a Lewis cell and the studied partitioning 

bioreactor, the obtained values from the former will be used as initial guesses to estimate suitable 

coefficients in the latter. 

 

 

3. MATHEMATICAL MODEL 

 

3.1 Kinetic model 
 

The kinetic model used in this study was obtained from our previous search [20]. So far, the model 

development was based on experiments in TPPB without the presence of IL and, hence, loss of cell 

viability. For sake of brevity, the mechanism based on Langmuir-Hinshelwood-Hougen-Watson 

formalism and developed model are summarized as follows: 
 

a) Glycerol enters in the pentose phosphate pathway and citric acid cycle, generating a 

sufficient concentration of NADPH
2+

 to regenerate and hold constant the active site of the 

CHMO in the reduced form, FADPH
2+

. 
 

b) The substrate is not consumed as an energy or carbon sources 
 

c) All the steps with the exception of product formation are considered reversible.  
d) It is considered the oxidation of the active site (E) to form the complex enzyme-oxygen (EO2):  

 k
1        

 

   → 
; 

  

[O2 ]− k1
' NT 

 

(5) 
 

E +O2 EO2 r1 = k1 NTθE 
θ

EO 
 

 ←        2   

         

 k 
'        

 

 1        
 

 

e) The complex enzyme-oxygen leads to the formation of one inactive complex involving 

the over-oxidation of the active site (O2EO2): 
 

 k2          
 

   → 
; 

   

[O2 ]− k2
' NT 

  

(6) 
 

EO2 +O2 O2EO2 r2 = k2 NT 
θ

EO 
θ

O EO 
 

 ←      2   2 2  
 

           

 k'          
 

 2          
 

 

f) Besides, EO2 interacts with the substrate (S) to form the complex enzyme-oxygen-

substrate (EO2S): 
 

 k3        
 

   → 
; 

   

[S]− k3
' NT 

 

(7) 
 

EO2 + S EO2S r3 = k3 NT 
θ

EO 
θ

EO S 
 

 ←      2  2   

         

 k3
'        

 

g) EO2S is a complex intermediate promoting the formation of one inactive complex that 
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represents substrate inhibition (EO2SS):  

 k
4       

 

   →    

[S]− k4
' NT 

  
 

EO2S + S EO2SS ; r4 = k4 NT 
θ

EO S 
θ

EO SS (8) 
 

 ←     2  2   

        

 k 
'       

 

 4       
 

 

h) Furthermore, EO2S is the intermediate to form the product of interest (P) and finally the 

regeneration of the active site (E) to start again the catalytic cycle: 
EO2S   →E + P ; r

5 
=
 
k
5 

N
T

θ
EO2S (9) 

k
5   

 

i) Fractions of the enzyme intermediary complex are described by the 

following differential equations: 

NT 

  dθE  

= r5  − r1 (10) 

 

      

  dt  
 

NT   dθEO 
2   = r1 − r2  − r3 (11) 

 

        

            

   dt        
 

NT   
dθ

O EO (12) 
 

2    2 = r2  

       

   dt        
 

NT   
dθ

EO SS (13) 
 

    

2    = r4  

           

   dt        
 

NT 

dθ
EO2S   

= r3 − r4 − r5 (14)    dt     
 

          
 

j) Balance of enzyme intermediary complex is:  
 

θ
E 

+
 

θ
EO2 

+
 

θ
O2EO2 

+
 

θ
EO2SS 

+
 

θ
EO2S  

=
 

1
 (15) 

  
Table 1 presents the kinetic parameters used in this study. It is worthwhile to recall that the 

kinetic parameters k2 and k2’ were estimated from the experimental data when oxygen 

inactivation was present, kinetic parameters k4 and k4’ were estimated from the 

experimental data when substrate inhibition was present and the other kinetic parameters 

(k1, k1’, k3, k3’ and k5) were estimated in absence of any type of deactivation or 

inhibition. Details on the kinetic model and corresponding parameters can be reviewed 

elsewhere [20]. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 

 

92 



Table 1. Kinetic parameters 
 

Kinetic parameters Value Units 

   

k1 1653.33 Lg1s-1 

k1’ 3.32 s-1 

k2 1.11x10
-1

 Lg-1s-1 

k2’ 7.85x10
-5

 s-1 

k3 83.43 Lg-1s-1 

k3’ 6.35 x10
-1

 s-1 

k4 1.66 x10
-1

 Lg-1s-1 

k4’ 1.79 x10
-4

 s-1 

k5’ (kcat) 56.66 s-1 

   

 

3.2. TPPB Reactor model 
 

The reactor model coupling transport phenomena and kinetics along with loss of cell 

viability was based on reaction engineering principles. The main model assumptions were 

as follows: 
 

a) The reaction system was operated isothermally. 
b) There was no substrate or product evaporation. 

 
c) There was no cell shear damage due to stirring, as observed previously for the same 

conversion system [20]. 

 

d) A pseudo homogenous phase between cell and aqueous phase was considered since 

interface mass transfer resistance between these phases were negligible because of 

insignificant shear stress provoked by cells and high cell superficial areas, and mass 

transfer resistances into the cell were negligible because of the small cell size (≈ 6μm). 

 
e) The reactor model accounted for the gas phase, gp, dispersed phase, dp and the pseudo 

homogeneous aqueous phase, ap, wherein microorganism was contained. 
 

f) Kinetics was obtained from independent experiments in the TPPB but without the 
presence of IL and hence without loss of cell viability, vide section 3.1. 

 

g) Overall volumetric oxygen mass transfer (kLa) from gp to ap was accounted for and 

determined from independent experiments in an abiotic system with and without the 

presence of IL, vide section 2.4. 
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h) Partition coefficients for substrate and product between aqueous and IL phases, Kps and Kpp, 

respectively, were determined from independent experiments at temperature and pressure used 

during bioconversion experiments in TPPB, vide section 2.8. 

 

 

Based on the aforementioned assumptions, the model is described as follows: the substrate concentration in 

dp related to its mass transport rate from dp to ap depends of interfacial mass transfer, kS, interfacial area of 

the ionic liquid drops A, thermodynamics, Kps, and concentration gradient that in turns is indirectly a 

function of metabolic demand of the cell in ap: 

d [ 
S ]

dp 
   

[ S ]
dp 

   
 

  = −k  A  − [S ]  (16)  
    

S     

  

dt 

   

K
 ps 

 ap   

         
  

The variation in time of substrate consumption in ap is due to the conversion by E.coli 

described by r3’ and r4’ and the rate of substrate supply from the dp: 
 

d S   S     
[ ]ap = K  A [ ]dp − [S ]  − r3

' − r4
' (17) 

  S   ap    

dt   
K

 ps      
The variation in time of oxygen accumulation in ap is a function of the metabolic demand 

of the cell in ap described by r1’ and r2’ and rate of transport of oxygen from gp to ap 

which is a function of the interfacial mass transfer (kLa): 
 

d[O2 ]ap 
= kL a([O2

* ]− [O2 ]ap )− r1
'  − r2

'
 (18)   

 

dt  
  

The variation in time of product formation in ap is associated to its rate of production r5’ and 

the rate of recovery in situ by the dp which is a function of thermodynamics Kpp, interfacial 

mass transfer kp and interfacial area of the IL drops, A: 

d[P]ap 
= r5

'  − K P (K pp [P]ap − [P]dp ) (19)  
 

 

dt  
 

 

Furthermore, the variation in time of product in dp depends on the rate of product 

extraction from ap to dp, which is a function of thermodynamics, Kp, interfacial mass 

transfer kp, and interfacial area of the ionic liquid drops A. 
 

d[P]dp   
 

 

= kP A ([ P]ap K pp − [P]dp ) (20) 
 

 
 

dt   
 

 

Finally, the model includes a term for describing the rate of loss of cell viability owing to 

the IL in dp, vide section 2.7. 

ri
'    = ri [E] and 

d[E] = kin ([E])2
 (21)  

 
 

  dt  
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response variables. The kinetic parameters were estimated by a software program 

(ODRPACK 2.01) using multi-response non-linear regression using Levenberg-Marquardt 

algorithm with 95% confidence interval. The mathematical model was supplied with the 

experimental data consisting of three response variables namely, dissolved oxygen, 

substrate and product concentration and was solved by integrating a set of ordinary 

differential equations (ODEs) with the Runge-Kutta-Fehlberg method. To determine the 

statistical significance of these parameters the t-test was used, while the F-test was used to 

obtain the regression significance. 

 
 

4. RESULTS AND DISCUSSION 
 

Section 4.1 discusses the loss of cell viability experiments and the corresponding estimated 

deactivation parameters through Eq. (21). Section 4.2 presents the results from mass transfer of 

oxygen from gp to ap following a discussion of the estimated overall oxygen mass transfer 

coefficients under abiotic conditions. Section 4.3 presents the experimentally obtained values of 

Sauter mean drop diameter i.e. d32, of the IL used as dispersed phase in order to calculate the 

interfacial area available for substrate and product mass transfer. Section 4.4 elucidates the 

capability of the reactor model in describing observations at different IL fractions. The analysis 

gives information on the interaction among mass transport mechanisms with kinetics along with 

loss of cell viability. Finally, in the section 4.5 the TPPB model developed is used to carry out a 

parametric sensitivity analysis varying the oxygen transpor rate from the gp to the ap for its 

importance on bioconversion. 4.1 Parameter related to loss of cell viability 
 

An adequate choice of the IL for the dispersed phase is necessary because of its influence on loss 

of cell viability. Kumar and Malhotra [21] studied therapeutic applications of ILs and for the first 

time demonstrated anti-carcinogenic activities and cytotoxicity of three different classes of ILs 

(imidazolium, phosphonium and ammonium) for 60 human tumor cell lines. These authors 

mentioned that the imidazolium and pyrrolidinium compounds confer more toxicity than 

ammonium. From this perspective, the evaluation of different IL was carried out to obtain the one 

leading to the least loss of cell viability. In these experiments 5% (v/v) of IL fraction was used. The 

IL OMA[BTA] presented the lowest effect on loss of cell viability (56%) compared to others ILs 

(≈77%), i.e., 1-butyl-3-metyl-imidazolium hexafluorophosphate BMIM[PF6], 1-hexyl-3-

methylimidazolium bis (trifluoromethylsulfonyl)imide HMT[BTA] and butylmethyl pyrrolidinium 

bis (trifluoromethylsulfonyl)imide MBP[BTA]. Notice the cation of the OMA[BTA] has 
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ammonium, while for the other ILs the cations have imidazolium and pyrrolidinium, 

explaining obtained results. Therefore, OMA[BTA] was used as disperse phase in 

experiments with and without bioconversion. 
 

The model accounting for the loss of cell viability, vide Eq. (21), considered two ionic liquid 

fractions. One of them maintained at 5% (v/v) and the other at 12.5% (v/v). Figure 2 presents a 

comparison among observed and fitted cell viability as a function of time. The loss of cell viability 

was 56% and 88% at 5% (v/v) and 12.5% (v/v) of IL fraction, respectively. In fact, as the fraction 

of IL increased, the cell viability decreased. Besides, the deactivation model fitted adequately the 

experimental observations, both regression and estimated parameter being statistically significant. 

The experimental deactivation parameter i.e. kin, obtained was 0.24 h
-1

 and 0.55 h
-1

 for 5% and 

12.5% (v/v) of IL fraction respectively, being in agreement with the observations related to loss of 

cell viability. These findings were similar to those observed by Quijano et al. [22] who studied cell 

toxicity for a microbial consortium with two ILs. They mentioned that IL fractions larger than 5% 

(v/v) resulted in a deteriorated metabolic activity. Baumannn et al. [23] studied six ILs for 

biocompatibility with three xenobiotic-degrading bacteria namely, P. putida, A. xylosoxidans and 

S. aromaticivorans and concluded that IL fractions around 6 % (v/v) were optimal for 

bioconversion. From this end, it can be observed that in the design of a TPPB, the type and fraction 

of IL are essential parameters to develop such a complex technology. 
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Figure 2. Fit of an empirical model ( ) to experimental data of the dimensionless loss of cell viability at 5 
 

(○) and 12.5 (●) % ionic liquid fraction. 
 
 
 

 

97 



4.2. Overall volumetric oxygen mass transfer coefficient 
 

The mass transfer of oxygen from gp to ap is characterized through the estimation of kLa 

from experiments in absence of bioconversion with and without the presence of the 

dispersed phase (IL). Therefore, kLa was determined from experiments in a bi-phasic 

system (air-water) and in a tri-phasic system (air-water-ionic liquid) with the aim of 

understanding whether or not the dispersed phase had an influence on the oxygen mass 

transfer between gp and ap. 
 

Determination of kLa with and without the presence of the disperse phase was obtained at different 

operating conditions [20]. In fact, the kLa obtained in the bi-phasic system was used to develop the 

kinetic model, and the kLa obtained in the tri-phasic system was used to model the TPPB wherein the IL 

might influence hydrodynamics and, hence, mass transfer of oxygen from gp to ap. For the air-water 

liquid system, the maximum kLa value obtained was 310 ±15 h
-1

 at 1950 rpm and 1vvm. An analysis on 

the determination of kLa in absence of IL fraction can be seen elsewhere [20]. Besides, Figure 3(a-c) 

shows the variation in kLa obtained for the air-water-ionic liquid system under different operating 

conditions. The maximum kLa value obtained in the pseudo tri-phasic system was 260±15 h
-1

. It is 

evident from these figures that an increase in ionic fraction caused a decrease in hydrodynamic behavior 

that led to limitation in mass transfer of oxygen from gp to ap, contrary to the results observed by 

Nielsen et al. [24] who examined the effect of increasing volume fraction of disperse phase n-

hexadecane on kLa, probably due to the physicochemical properties of the ionic liquid OMA[BTA]. 

Torres-Martínez et al. [25] observed a similar trend for kLa values in a stirred tank reactor of 1L with 

the same ionic liquid. 
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Figure 3. Variation of the overall volumetric oxygen mass transfer coefficient kLa in a TPPB using three 

different operating conditions (agitation, aeration and ionic fraction) with different ionic fraction namely, 

a) 5%, b) 12.5% and c) 20%. 

4.3. Sauter mean drop diameter d32 
 

The mass transfer of substrate and product from dp to ap is a function of interfacial mass transfer 

coefficients and interfacial area from drops of IL formed at specific operating 
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conditions. This interfacial area was determined from the experimentally determined Sauter mean 

drop diameter of the dispersed phase d32, vide Eq. 4. The range of values obtained in all these 

experiments were between 10 and 20 µm. Figure 4a shows that the highest value of d32 (20 µm) 

was obtained in all the experiments involving 5% IL fraction. From Figures 4b and 4c, it is evident 

that d32 decreased when the volume fraction of the dispersed phase increased. In fact, a Pareto 

chart indicated that dispersed phase fraction and agitation were the most influential factors (p>0.95) 

while aeration was the least influential operating parameter (p<0.05) on the variation in drop size 

distribution (DSD) inside a TPPB. Besides, an increase in impeller speed led to smaller drops due 

to an increase in the drop breakage frequency. Boye et al. [26] carried out experiments to determine 

the effect of dispersed phase concentration on d32 of xylene in water in a mechanically agitated 

vessel, and observed that the disperse phase fraction (~50% by volume) exhibited strong influence 

on TPPB hydrodynamic conditions. Zaheri et al. [27] studied the influence of dispersed phase 

fraction on drop size and showed that a higher fraction leaded to a higher collision frequency 

between the drops, promoting the coalescence of drops. Kumar et al. [28] using a batch turbulent 

stirred vessels showed that as the fraction of the dispersed phase increased, the d32 increased and 

decreased depending on the used fraction. Torres-Martinez et al. [25] observed that an increase in 

ionic fraction decreased the d32 values which ranged between 14-21 µm using 1 L stirred tank 

reactor and OMA[BTA] as the dispersed phase. 
 

The obtained d32 allowed the determination of interfacial area according to Eq. (4), and was 

correlated with the mass transfer coefficients determined by Melgarejo-Torres et al. 
 

[11]. The initial range of the model parameters mass transfer coefficients for substrate and 

product kSA and kPA was between 7.5–36 and 2.8–12 h
-1

 respectively. 
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Figure 4. Variation of Sauter mean drop diameter d32 in a TPPB using three different operating conditions (agitation, 

aeration and ionic fraction) with different ionic fraction namely, a) 5%, b) 12.5% and c) 20%. 
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4.4. Reactor model 
 

The pseudo heterogeneous model for the TPPB, vide Eqs. (5)-(21), contains 9 kinetic parameters 

(ki and ki’), 1 deactivation parameters (kin), 3 transport parameters related to oxygen (kLa), to 

substrate (kSA) and to product (kPA) and 2 thermodynamic parameters related to the partitioning 

coefficients of substrate, Kps, and product, Kpp. The 9 kinetic parameters were estimated from 

similar bioconversion experiments without the presence of IL as presented elsewhere [20], vide 

section 3.1. The partitioning coefficients, Kps and Kpp, were determined according section 2.7 and 

the values were 13.5±0.9 and 4.13±0.5 respectively. The overall mass transfer coefficient (kLa) and 

the inhibition constant (kin) were estimated using different IL fractions as presented in sections 4.1 

and 4.2, respectively. The interfacial area of IL drops in TPPB was determined from Sauter mean 

drop diameter of the dispersed phase, d32. Even though a Lewis cell is usually used to estimate 

interfacial mass transfer coefficients of substrate, kS, and of product, kP, the hydrodynamics in this 

system was completely different to that observed in a TPPB, and therefore those estimated values 

of kS and kP were not reliable for modeling a TPPB. Therefore, considering that kS and kP cannot 

be obtained from observations in the TPPB under abiotic conditions because of experimental 

constraints, a strategy to obtain them was proposed out. Specifically, kS and kP, were the only 

parameters to be estimated from TPPB observations with bioconversion by using the model given 

through Eqs. (5)-(21); wherein, to have certainty in their estimation, initial guesses were made from 

those results obtained in Lewis cell [19]. 
 

Figure 5a shows the model fit in aqueous phase for substrate consumption and product formation, while 

Figure 5b shows the model fit for oxygen concentration in ap. The operating conditions were 1.4 vvm, 

1350 rpm and 5% IL fraction. Figure 6a shows the model fit compared with experimental data for the 

rate consumption of substrate and product formation and Figure 6b shows oxygen concentration in ap. 

The operating conditions were 1 vvm, 1950 rpm and 12.5% IL fraction. The conversion is determined 

through a mass balance between the dp and ap and the initial substrate concentration (≈ 0.7 gL
-1

). It is 

noteworthy to mention that this concentration is twice more than the substrate inhibition concentration 

for a similar conversion in a pseudo two-phase (air-water) system. Parameters used and estimated in 

TPPB model are presented in Table 2. Regression and parameters were statistically significant for two 

study cases. As expected, an increase in the IL fraction led to a lower conversion, i.e., maximum 

conversions of 70% and 25% were obtained when 5% (v/v) and 12.5% (v/v) of IL fraction were 

employed. These results were 
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mainly related to the loss of cell viability caused by using 12.5% IL fraction. Besides, the estimated 

values of kS and kP in this study were in the same magnitude order than other studies, e.g. Juang et al. 

[29] using kerosene for phenol removal from saline solutions coupled with degradation at 30°C in a 

TPPB, reported overall mass transfer coefficients from 6.40x10
-6

 to 7.83x10
-6

 ms
-1

 which matches with 

the values from 4.33x10
-7

 to 6.00x10
-
 

 
3 ms

-1
 obtained in this study. Working with partitioning bioreactors, Juang et al. [30] and 

Bordel et al. [12] reported values of 0.312-4.90 h
-1

 and 0.024 h
-1

 for kSA while in the 

present study the values of kSA and kPA were 1.38 to 0.13 h
-1

. For the case of kLa used in 

the mathematical model, the value was between 110-140 h
-1

 for 5 and 12.5 % (v/v) IL 
fraction, respectively. It is noteworthy to mention that Torres-Martínez et al. [25] reported 

kLa values ranging between 20-220 h
-1

 under similar conditions using the same ionic 
liquid ([OMA][BTA]) but with a 1L bioreactor.

 

 

 

Table 2. TPPB model parameters at 5% and 12.5 % of IL fraction. 
 

   Ionic fraction 
 

  Model parameters   
 

   5 % 12.5 % 
 

     
 

  A (m
-1

) 3500 8566 
 

  kSA for substrate consumption (h
-1

)* 1.38 28.8 
 

  kPA for product formation (h
-1

)* 0.13 2.48 
 

  kLa for oxygen (h
-1

) 160 140 
 

  kin (h
-1

) 0.24 0.55 
 

     
 

  
*Statistical analysis for 1-α = 0.95 

F=509, Ftab = 3.36 
 

    
  

F=312, Ftab = 5.28  
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Figure 5. Model fit at 1.4 vvm, 1350 rpm and 5% ionic liquid fraction (kLa =160 h
-1

). a) Consumption substrate 

(∆) and product formation (●). b) Dissolved oxygen concentration (○) in aqueous phase. 
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Figure 6. Model fit at 1 vvm, 1950 rpm and 12.5% ionic fraction (kLa ≈140 h
-1

). a) Consumption substrate 

(∆) and product formation (●). b) Dissolved oxygen (○) in aqueous phase. 

 

 

4.5. Parametric sensitivity in TPPB 
 

The behavior of the studied TPPB was mainly affected by oxygen transport rates as observed elsewhere 

[20]. Therefore it is necessary to analyze the TPPB sensitivity behavior when different operating 

conditions affecting oxygen transport rate were employed. For this, two cases in particular were studied, 

vide Figure 7. In the first case, the model behavior is studied at high oxygen mass transfer rate (kLa=260 

h
-1

), obtained at 1.4 vvm, 1950 rpm and 5 % IL fraction. Figure 7a presents the model prediction. As 

expected, higher rates of agitation favored the oxygen transport rate from gp to aq but so does the 

transport rate of substrate from dp to ap, being higher than the metabolic demand of the microbial cell 
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and, hence, kinetically leading to substrate inhibition. For the product, it is not observed since its 

partitioning coefficient is much smaller than that of the substrate, vide Table 2. Besides the product rate 

concentration decreased as it is extracted by the ionic liquid since the product mass transfer rate was 

higher than the product formation in ap. The oxygen concentration in ap indicated that at higher rates of 

oxygen transport from gp to ap led to concentration of oxygen almost constant in the ap, and kinetically 

leading to permanent denaturation of CHMO due to oxidation of –SH groups in the active site [31,20]. 
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Figure 7. Model prediction and experimental data trends of Substrate consumption (−−−), product formation 

( ), and dissolved oxygen (---) in aqueous phase at a) 1.4 vvm, 1950 rpm and 5% ionic fraction, and b) 0.7 

vvm, 750 rpm and 5% of ionic fraction. 

 

 

In the second case, the model behavior is studied with an aim to observe the role of a limited 

oxygen transport rate (kLa = 90h
-1

) on bioconversion at 0.7 vvm, 750 rpm and 5% 
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ionic fraction. Figure 7b presents the model prediction. In this operating condition, the rate of 

substrate consumption is found to be higher than the rate of mass transfer of substrate from dp to 

ap. Hence the substrate concentration decreased in the ap and the rate of product formation in ap 

became higher than the rate of mass transfer of product from ap to dp. A lower oxygen transport 

rate led to a limited oxygen concentration in the ap, being not enough to supply oxygen for the 

metabolic demand of the microbial cell, thus leading to a deficiency in oxygen for the conversion 

and thereby to a lower productivity. These results were related to some reports mentioning the 

influence of oxygen and substrate consumption as a function of the operating conditions. For 

example, Déziel et al. [32] proposed three main mechanisms through which microorganisms 

utilized substrates in TPPB: uptake of dissolved substrate from the aqueous phase, aqueous-organic 

interfacial uptake and uptake of substrate by direct contact with the organic phase. However the 

predominant uptake mechanism was supposed to be the interfacial uptake [33] where the substrate 

was taken up by microorganism present in the interfacial area and therefore the degradation rate 

was mainly limited by agitation rate and phase volume ratio in a TPPB. 

 
 

5. CONCLUSIONS 
 

In accordance with the results, the developed mathematical pseudo heterogeneous model 

constitutes an important step in the analysis of process performance in bioconversions using a 

three-phase partitioning bioreactor system. The TPPB model is capable of estimating and 

describing mass transfer coefficients for substrate, product and DO coupled with the kinetic model, 

using IL as dispersed phase. The proposed model could describe the conversion at different 

operating conditions, including cell toxicity caused by the dispersed phase. The study also indicates 

that for a good conversion of ketones, it is better to employ an air-water-ionic liquid three-phase 

system rather than an air-water two-phase system. The proposed model promises to be a useful tool 

in the understanding and evaluation of design and optimization of bioconversions in a TPPB during 

further scale up or scale down operations. 

 
 
 
 
 
 
 
 
 
 
 
 
 

 

107 



6. NOMENCLATURE 

A interfacial area per unit volume (m
2
m

-3
) 

d32 Sauter mean diameter of the ionic phase (µm) 

A Interfacial mass transfer area of the drop of ionic phase (m
-1

) 
kL Oxygen mass transfer coefficient (ms

-1
) 

kS Substrate mass transfer coefficient (ms
-1

) 
kP Product mass transfer coefficient (ms

-1
) 

kLa Overall oxygen mass transfer coefficient (h
-1

) 
kSA Overall substrate mass transfer coefficient (h

-1
) 

kPA Overall product mass transfer coefficient (h
-1

) 
kin inhibition constant due to ionic liquid fraction (h

-1
) 

NT Enzyme total concentration (μg g-1 of biomass) 

[P] Product concentration (g L
-1

) 

[O2] Oxygen concentration (g L
-1

) 

[O2
*
] Saturated oxygen concentration in ap (g L

-1
) 

[O20] Initial dissolved oxygen concentration in ap (g L
-1

) 

[S] Substrate concentration (g L
-1

) 

rn Reaction rate of each enzymatic complex (g L
-1

 h
-1

) 

kj Kinetic constant of the reaction (s
-1

) 
Kn Partitioning coefficient between aqueous and ionic phase (-) 

 

 

Notations 

ag gas phase 

ap aqueous phase 

dp dispersed or ionic phase 
 

CHMO Cyclohexanone monooxygenase 
 

IL ionic liquid 
 

Greek symbols 
 

φ Ionic or dispersed fraction (-) θE 
Free enzyme fraction (-) 

θEO2 Enzyme-oxygen complex fraction (-) 
 

θEO2S Enzyme-oxygen-substrate complex fraction (-) 
θEO2SS Substrate inhibition complex fraction (-) θO2EO2 
Oxygen inactivation complex fraction (-) 
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GENERAL CONCLUSIONS 
 

 

The use of a three phase partitioning bioreactor as a strategy and the selection of an adequate 

dispersed phase allowed to increase two folds the substrate concentration (0.7 g L
-1

) and showed a 

better performance rather than an air-water system in the bioconversion of ketones by CHMO. The 

study of the mass transfer coefficients of subtrate, product and oxygen enabled to know the 

magnitud order of the their values ocurring in this type of bioreactors. The development of a 

extrinsec kinetic mathematical model allowed to estimate, understand and identify the main kinetic 

parameters that affect the bioconversion. The regime analysis allowed to identify that at certain 

operating conditions there are an equilibrium between the mass transfer and kinetic mechanisms 

avoiding the substrate inhibition and the inactivation or deficency by oxygen preventing a limiting 

step by mass transfer. The bioconversion only reached 70% probably due to the loss of cell 

viability since it started from the begining. Coupling mass transfer, kinetic and deactivation 

mechanisms in a mathematical model for a TPPB permited to estimate the substrate, oxygen and 

product mass transfer coefficients, describe and understand the bioconversion of ketones at 

different operating conditions in the TPPB. This thesis promises to be an important step in the 

analysis of process performance in bioconversions using a TPPB and useful tool in the 

understanding and evaluation of the design of bioconversions in this type of bioreactors to scale-up 

or scale-down operations. 

 
 

PERSEPECTIVES 
 

 

Future work involves carrying out scale-up and scale-down studies compared to the one used in 

this work in order to define scaling critera for multiphasic bioprocesses. This work could be a 

starting point to establish the window of operation for commercial exploitation involving 

bioconversion of ketones in a three phase partitioning bioreactor. 
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These annexes shows the publish papers until now in this tesis and corresponing to the 

mass transfer and kinetic mechanisms studied in a TPPB. 
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